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ABSTRACT

A liquid-solid circulating fluidized bed continuous ion exchange system (LSCFB) has
been constructed and applied for the first time for the continuous recovery of bovine
serum albumen (BSA) and whey proteins from unclarified broths using Diaion HPA25
anion exchanger. Under the optimal operating conditions, up to 80% of total protein
was removed from the whey feed stream and an overall recovery of approximately 78%
was achieved with a throughput of 8.16 g protein/hr-(kg particles). In the case of BSA
recovery, up to 98% BSA was adsorbed in the downcomer and an overall protein

recovery of up to 84% was obtained in the LSCFB system.

Studies regarding the hydrodynamics in the LSCFB, the kinetics and equilibrium
characteristics of protein a&sorption onto ion exchangers in finite baths, and continuous
protein ion exchange in the LSCFB have been conducted under various operating
conditions. A Langmuir-based model has been proposed and established to account for
the influence of ionic strength on the capacity and the affinity of the protein adsorption
onto ion exchange/affinity adsorbents. Mathematical models for the continuous protein
recovery in the LSCFB were also developed and proven to be a useful tool in providing

guidelines for the optimization of the system.
KEY WORDS: [on exchange, Protein Purification, Liquid-Solid Circulating Fluidized

Bed, Whey Proteins, Bovine Serum Albumin, Equilibrium, Kinetics, Hydrodynamics,

Design
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Chapter 1. Introduction

The interest in recovery of proteins from large volumes of industrial broths and biological
wastewater streams has increased in recent years, due to the rapidly growing number of
functional proteins made available by genetic engineering and concerns about recycling
limited resources and environmental protection. Conventional ion-exchange processes
using packed beds have been established for decades as powerful tools for protein
recovery due to their high selectivity and ease in operation. However, there are some
significant disadvantages associated with this strategy. First, a packed bed column
operation requires the cyclic operation of four procedures, namely adsorption, washing,
desorption and regeneration in a batch mode. Such an operation is laborious and time-
dependent. Secondly, a typical biochemical broth usually contains large amounts of
colloidal particulates, which must be removed before being treated by a conventional
packed bed ion-exchange system. The removal of small solids using filtration or
centrifugation is very difficult. Thirdly, because of the large molecular size of proteins,
some internal surface of the ion exchangers are inaccessible to the proteins and intra-pore
diffusion of the large proteins in the porous channels of an ion exchange particle is slow
due to the steric hinderance effects. This results in relatively low adsorption capacity and
low adsorption rate. Therefore, the ion exchangers have to be frequently regenerated. In

such a situation, a batchwise strategy is significantly ineffective.

To overcome the above disadvantages, a liquid-solid circulating fluidized bed (LSCFB)
ion exchange system has been proposed and constructed in this study and investigated for
the continuous recovery of protein from unclarified whole broth. The detailed structure of

an LSCFB is discussed in Chapter 3. Conceptually an LSCFB is comprised of a riser, a




downcomer, a liquid-solid separator and other auxiliary components (Figures 3.1 and
3.2). The riser is a “fast column™ operating in the circulating fluidization regime and the
downcomer a “slow column” operating as a conventional fluidized moving bed. In the
two columns of the LSCFB, two different liquid streams can be applied separately with
the solid particles circulating between them. In the LSCFB ion exchange system, proteins
are adsorbed onto the adsorbents in the downcomer (absorber) and the loaded adsorbents
are regenerated simultaneously in the riser (stripper) in a continuous mode thus
maintaining the adsorbents in the active form. Therefore, adsorbent of low adsorption
capacity and slow kinetics may be used. Another unique feature of the LSCFB system is
that the downcomer operates as an expanded bed with adsorbent falling down and liquid
phase moving up. The bed voidage can be enlarged to make possible the treatment of
feed containing particulates without clogging the bed. The liquid velocity in the
downcomer can be controlled in such a range that the particulates are discarded with the
deproteinized feed liquor while permitting the ion exchange particles to settle to the
bottom and return to the riser. This eliminates the costly solids removal (pre-clarification)

operation and significantly simplifies the overall purification scheme.

The design of such an LSCFB ion exchange system requires the understanding of the
hydrodynamics of an LSCFB and the investigation of the adsorption and desorption of
proteins onto ion exchange particles. Thus in this thesis, the following are considered: (1)
investigation of the hydrodynamics of the LSCFB; (2) selection of suitable ion exchange
particle; (3) the protein adsorption/desorption kinetics and equilibrium characteristics; (4)
continuous protein recovery using the LSCFB ion exchange system using BSA as a
model protein; and (5) application of the LSCFB in continuous purification of whey
proteins from unclarified cheese whey. The results are presented as follows:

Chapter 2 is a literature review, which provides the necessary background information.

Chapter 3 describes the design of the LSCFB and the selection of ion exchange particles.




Chapter 4 describes the equilibrium and kinetic characteristics of BSA adsorption onto
Diaion HPA25 anion exchanger in batch operations.

Chapter 5 reports the results of a study on the equilibrium characteristics of protein
adsorption onto ion exchange/affinity adsorbents. A modified Langmuir model is
established and validated as a reliable method for the prediction of the effects of ionic
strength.

Chapter 6 discusses the modelling of the continuous BSA adsorption and desorption in
the LSCFB ion exchange system. Studies show that the models match well with
experimental data.

Chapter 7 investigated the influence of different operating conditions on the
hydrodynamics and BSA adsorption/desorption in the LSCFB ion exchange system.
Chapter 8 tested the recovery of whey proteins from cheese whey solution using the
LSCFB ion exchange systern and discussed effects of various operating conditions;
Chapter 9 presents some important conclusions derived from the research and some
thoughts regarding the future research in this area.

Appendices include my Curriculum Vitae and copyright waiver documents.




Chapter 2. Literature Review

Table 2.1 lists several common separation methods that can be applied to protein
purification. Of these, ion exchange adsorption and chromatography are most commonly
used for protein purification, for both laboratory purposes and industrial manufacturing,
due to the many advantages associated with it. In this chapter, the principles of ion
exchange are discussed first, followed by a review of different applications of ion
exchange processes, with the emphasis on the application of ion exchange processes in

protein purification.

2.1 PRINCIPLES OF ION EXCHANGE

A schematic diagram illustrating the structure of an anion exchanger is shown in Figure
2.1. The ion exchange process can be illustrated by an anion exchanger, for which the
counter-ion is £. The exchanger can thus be represented as Resin-F E-, where Resin-F*
represents the inert matrix containing the positive fixed ion (functional group). When an
anion exchange particle is submerged in a solution containing a different anion, 4”, the

ion exchange will process as following:

Resin—-F"E™ + A” < Resin-F A"+ E~ 2.1

An ion exchange particle consists of two major components: the matrix and the
functional groups. The insoluble matrix provides the support for the functional groups,
which are the binding site for the ion exchange. The matrix may be inorganic or may be
an organic polymer resin, and is generally porous. The functional groups are ions

chemically bound to the matrix and are also called the fixed ions. The ions of opposite
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charge to that of the fixed ions are the counter-ions. They are the exchangeable ions. On
the other hand, the ions in the aqueous solution of the same charge to the fixed ions are

the co-ions and they are un-exchangeable.

When an ion exchange particle placed in an aqueous solution, the pores will fill with
water and a sufficient concentration of counter-ions to maintain the overall electric
balance in the particle. The counter-ion can move through the matrix by diffusion or
under the influence of an electric field. These counter-ions are thus exchanged with ions

of the same charge from the bulk solution.

2.1.1 Types of Ion Exchangers

Ion exchangers can be divided into two categories according to their counter-ions: anion
exchangers and cation exchangers. Anion exchangers have acidic functional groups,
which are positively charged and cation exchangers have negatively charged basic
functional groups. Functional groups have significant influence on the properties of ion
exchangers. For example, they determine the affinity and selectivity of ion exchange
particles to a given solute. They also have a strong influence on the effective pH range
and adsorption capacity of an ion exchanger. Some functional groups found in typical iocn

exchangers are listed in Table 2.2.




2. Ion exchange matrix

Most ion exchangers can be also classified according to their matrices into the following
categories: modified-cellulose-based ion exchangers, cross-linked-dextran-based ion
exchangers, cross-linked-agarose based ion exchangers, synthetic ion exchangers (e.g.
methacrylate polymers based ion exchangers and polysterenic ion exchange resins), and
silica-based ion exchange adsorbents. For the adsorption of large biological molecules
such as proteins, the problem of enhancing the permeability of ion exchange particles for
the purpose of increasing the accessibility of the internal surface has assumed great
importance. The accessibility of the functional groups for protein ions is determined
largely by the structure of the particle. The most commonly employed ion exchangers in

protein recovery include the following categories:

(1) Cellulose based ion exchangers

Cellulose is composed of linear 1,4-B-D cellobiose unit. Commercial cellulose ion
exchangers are usually obtained by the oxidization of cellulose. The cellulose molecule
has hydroxyl groups at the carbon 2, 3, and 6, to which the active exchange groups are
bound. Its loose network is cross-linked by hydrogen bridges and the majority of its
active exchange groups are located at distances of about 50 A, which allows the exchange
of large counter-ions. In addition, the cellulose matrix is hydrophilic and thus minimizes

the protein-matrix interaction, which is a major cause for the irreversible adsorption.

Cellulose ion exchangers have been widely used in protein recovery (Alam and Qasim,
1998; De-Lange et al., 1979; Foster et al., 1974; Foster et al., 1977, Kurz, 1998; Leaver
etal., 1990; Levison et al., 1996; Maggo et al., 1999). However, the poor flow properties
associated with the loose structure of cellulose ion exchangers often limit the flowrate

achievable with a packed bed and also make them inappropriate for fluidized bed

operations.




(2) Dextran-based ion exchangers

Dextran is a linear o-1,6-linked glucose polymer produced by Leuconostoc
mesenteroides. Sephadex® (cross-linked by glyceryl bridges) and Sephacryl®
(allyldextran cross-linked by N.N’-methyienebisacrylamide) are two types of the gels

used in ion exchange (and affinity) chromatography of biomolecules.

Since the number of hydroxyl groups is only insignificantly modified by cross-linking, it
is possible to prepare esters and ethers by further reactions with suitable reactants and to
introduce ionic groups into the dextran molecule, thus obtaining ion exchange materials
with polysaccharide as the matrix. For example Sephadex® ion exchangers are obtained
when exchanger groups are substituted in neutral Sephadex® types G-25 and G-50. The
functional groups are bound to the glucose building blocks of the network by ether
bridges. Sephadex® etherified with carboxymethyl or sulfopropyl groups result in weak
or strong acid cation exchangers, CM- and SP- Sephadex®, while substitution with
diethylaminoethyl or 2-hydroxypropyldiethylaminoethyl groups furnishes weak and

strong base anion exchangers, DEAE- or QAE- Sephadex®.

Sephadex® ion exchangers are comparable to corresponding cellulose ion exchangers and
in many cases the same method can be used. However, their ultimate capacity is 5-10
times higher than that of cellulose exchangers. The bead-like particles offer favorable
flow characteristics in chromatography. Sephadex® ion exchangers are particularly
suitable for the separation of sensitive and high molecular weight bio-products such as
proteins, nucleic acids and polysaccharides. Their nonspecific adsorption is minimal, and
the protein and biologically active materials are generally not denatured. These
advantages associated with Sephadex® ion exchangers make them very popular in protein

separation (Batista er a/. 1996; Devi and Rao, 1996; Vujcic et al., 1995). Commercial




Sephadex® ion exchange particles are usually of small diameter (50-100 microns), which
is advantageous for packed bed operations due to the relatively large accessible surface,
higher capacity and faster kinetics. However, the terminal velocity of such small particles

1s not sufficient to guarantee functionality in an LSCFB ion exchange system.

(3) Agarose Based Ion Exchange Particles

Agarose is a linear polysaccharide consisting of alternating 1,3-linked B-D-
galactopyranose and 2,4-linked-3,6-anhydro-a-galactopyranose. Its macroporous matrix
structure, which has 100-300 nm pores, is well suited for the separation of large
biological active molecules. The cross-linking of agarose has improved the stability of
the beads towards extremes of pH, temperature, and high concentrations of organic

solvents. Cross-linking also allows the elevating the flowrate when used in column

operation.

Sepharose ion exchangers are the most common agarose-based ion exchangers. They are
probably the most widely used ion exchangers for protein recovery (Sunitha ef al., 2000;
Chan et al., 2000; Patra et al., 2000; Ye et al., 2000). A relatively new Sepharose ion
exchanger, Sepharose Fast Flow, has better flow properties and is very popular for
application to protein ion exchange chromatography (Gibert, ef al., 2000; Levison et al.,
1996; Linden et al., 1999; Mccartney J.E., 1991; Nash and Chase, 1998; Oyama and
Takahashi, 2000; Ulusu er al., 1999). The same problem of small terminal velocity also
exists for commercial agarose-based ion exchangers, which makes them less competitive

for use in an LSCFB ion exchange system.

(4) Silica-Based Ion Exchange Particles
Silica-based ion exchange beads are composed of polymer-grafted porous silica beads
(Barker and Morr, 1986; Outinen ef al., 1996b; Skudder, 1983). The silanols covering the




bead surface are covalently linked to functionalized polymers, which provide ion
exchange properties of the material (Ratnayake and Regnier, 1996). The most significant
characteristics of silica based ion exchangers is its resistance to swelling and its high
density, which make it particularly suitable for fluidized bed jon exchange operations
(Finette et al., 1998). The high porosity and large pore size achievable with silica beads,
together with its hydrophilic surface which minimizes the interaction between the matrix
and the protein structure, make it a good choice for protein recovery (Skudder, 1985;
Nichols and Morr, 1985; Finette er al., 1997; Finette et al., 1998). Its high density and
rigidity also make it an excellent candidate for operations using an LSCFB ion exchange

system. The major disadvantages associated with the silica-based ion exchangers is its

high price.

(5) Highly-Porous/Macroporous Synthetic Ion Exchange Particles

Among the commercial ion exchangers, synthetic ion exchangers are the most commonly
used type due to the low cost and the diversity of the products in this category. Synthetic
lon exchangers were previously deemed unsuitable for protein recovery due to their
arguable hydrophobic matrices and their small pore size. However, with the development
of highly-porous and macroporous synthetic ion exchangers, this type of ion exchanger
was found wide application in the separation of proteins and other types of complex

organic molecules (Outinen ef a/., 1996a; Letourneur e¢ al., 1992; Yu and Sun, 1999).

Highly-porous/macroporous polystyrenic ion exchangers are one example of the
synthetic ion exchangers which have been used in protein recovery. They are obtained by
copolymerization of styrene and divinylbenzene, where styrene is the building block of
the skeleton while divinylbenzene is the cross-linking agent. The polymeric network is
further modified to give functional groups influencing the ion exchange properties of the

particle,




2.1.2 Properties of Ion Exchangers

1. Capacity

The capacity of an ion exchanger is determined by the number of functional groups per
unit weight of the particle accessible for jon exchange. It may be measured in a variety of
units, the most common of which are millequivalents of (charge) per gram of dry particle,
or millequivalents of (charge) per gram of wet particle. The capacity provided by
manufacturers is measured in terms of small exchangeable ions, usually CI" or OH" for
anion exchangers and Na* or H" for cation exchangers. In the case of the adsorption of
large bio-molecules such as proteins, the accessibility of the functional groups on the
internal surface of the particle is greatly limited and the actual adsorption capacity to such
large ions is significantly less than the adsorption capacity measured for small ions. In
practical terms, the adsorption capacity for proteins is commonly expressed as g/L or

kg/m®.

2. Selectivity of ion exchange particle

The difference in affinity between the individual ions to certain ion exchange particles is
called selectivity. From the perspective of analytical and preparative practice, the control
of ion exchanger selectivity is very important. The selectivity of an ion exchanger can be
expressed in many ways. For large molecules with multiple surface charges, the
convenient way is the equilibrium distribution coefficient, which is given by the ratio of
the equilibrium concentrations of the same ions in the exchanger phase and in the bulk

solution:
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where D is the equilibrium distribution coefficient, ¢* the equilibrium concentration of
the component in the ion exchanger phase (mg/g), m, the mass of the ion exchangers in
the solution (g), C’ the equilibrium concentration of the component in the bulk solution

(mg/ml) and ¥ the volume of the bulk solution (ml).

The selectivity of an ion exchanger to individual components depends on the type and
concentration of the competing ions as well as on the property of the solvent and the
nature of the exchanger. In principle, the selectivity of an ion exchanger depends on the
following factors (Korkisch, 1989):

ions with a smaller effective hydrated ionic radius are preferentially adsorbed

if the ionogenic group of the particles forms an ionic pair with the reacting ion, the
selectivity of the ion exchanger to this type of ions is increased

if substances in the solution form slightly dissociated compounds, then ions forming a
more dissociated compound are preferentially adsorbed

selectivity of the ion exchanger decreases with increasing temperature

3. Ion exchange equilibrium

The adsorption equilibrium of proteins on different ion exchangers has been studied by
many authors (Boyer and Hsu, 1990; Finette ef al., 1997; Huang et al., 1990; Jenkins,
1989; Whitley et al., 1989; Yoshida e al. 1993). Parameters influencing the adsorption
equilibrium include the properties of protein such as surface charge (Stahlberg, 1992,
Roush, 1994), molecular weight and the configuration of proteins (Sunitha er al., 2000),
the properties of ion exchange particles such as the type and intensity of functional
groups, the hydrophilicity of the matrix and the accessibility of the binding sites, and the
adsorption conditions such as pH, ionic strength and temperature (Finette et al., 1997).
Study on the equilibrium behavior of an ion exchange process can provide important

information regarding the mechanism of the adsorption and the ability to characterize




equilibrium accurately is important for process modeling. No prediction of column
performance could be done without first measuring or estimating the adsorption
isotherms of these components under the conditions of interest, and the assurance of the
prediction is strongly dependent on the accuracy of these data. Intensive studies have
been conducted in the area of ion exchange equilibrium and many different isotherm
models, such as the Langmuir (Langmuir, 1916), and the Freundlich’s (Freundlich, 1926)
models, have been proposed for the adsorption of solutes in a liquid solution onto a solid
surface. Due to its simplicity and good fit with experimental data, the Langmuir

isothermal model might be the most widely accepted model for the description of ion

exchange equilibrium.

4. Ion exchange kinetics

For some small ions, the ion exchange process may be quite rapid and the equilibrium
may under certain conditions be reached almost instantaneously. However, for the
adsorption of large ions such as proteins, the ion exchange process is much slower

because of the limitation of the diffusion of proteins inside and outside the ion exchange

particle.

Adsorption of proteins onto the binding sites on the internal surface of a porous ion-
exchange adsorbent entails the following macroscopic steps (Figure 2.2): 1) protein
movement from the bulk solution phase to the bead surface; 2) protein transfer across a
stagnant film layer surrounding the bead; 3) protein diffusion into the pores of the beads;
4) adsorption of protein to the solid phase. Each of these steps contributes to the overall
adsorption but the slowest and most significant step will be the rate-governing
mechanism. With mixing, bulk diffusion is often considered infinitely fast, therefore, the

limiting step is usually anyone of steps 2 to 4.




A number of mathematical models have been developed based on the assumption that
one limiting step controls the adsorption rate while the influence of other steps are
ignored. Those include the kinetic rate constant model developed by Chase (1987), the
pore diffusion model developed by Amold and his co-workers (1985), the two phase
diffusion model suggested by Gramham and Fook (1982), and the novel empirical model

proposed by Rowe er al. (1999).

(1) The kinetic rate constant model

An empirical model was developed by Chase (1987) describing the adsorption and
desorption processes. According to his model, all the mass transfer resistances are
lumped into the interaction rate constants, k; and k,, while the two reaction rates are
correlated by the dissociation coefficient (K2 = k_ik;), which can be determined by
equilibrium experiments. Those mass transfer resistances include the bulk diffusion
resistance, the film diffusion resistance, the pore diffusion resistance and the surface
reaction resistance (the resistance on the wall surface of the pore). Hence the &; and &,
here are no longer simple rate constants of adsorption and desorption, but lumped
constants, which combine all the significant contributions of the mass transfer and
adsorbent-adsorbate interaction. The model is based on the same assumption that the ion
exchange reaction rate is slow compared with the mass transfer rate so that the protein

concentration is the same inside and outside the particle.

The rate equation accounts for the reversible adsorbate-adsorbent interaction is

expressed as:




v| (b+a)l-exp{-2(av/V)kt})

Cy=Co- AN 2.3
(—ij —exp{-2(av/V)kt}
b-a
where
a* =8 - (C"V]qm 2.4
v
and b= i(ﬁﬂgm +£¢Z) 2.5
20 v v

(2) The pore diffusion model

The kinetic constant model developed by Chase is based on the assumption that the
mass transfer is much faster than the interaction rate, which is often contradictory to the
actual situation. It has been shown that the mass transfer resistance plays an important
role in the kinetics of a chromatographic process, especially when the protein/pore size
ratio is large or when the particle size is big. Effects that contribute to the slow pore
diffusion of protein include (1) the tortuosity of the pore channels; (2) the rotational
masking of the protein affected by steric hindrance; (3) non-specific adsorption onto
heterogeneous ligands/sites; (4) hydrophobic reaction between the adsorbent matrix and

the protein structure.

Amold er al. (1985) developed a pore diffusion model which was based on the
assumption that the rate of adsorption was so fast that equilibrium between the internal
liquid and the pore surface was achieved and that the film diffusion resistance is also
negligible. In other words, the pore diffusion is the rate-limiting step. With the pore
diffusion model, the protein concentration in the bulk solution as a function of time is

given by the following equations:
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(3) The tw- phase diffusion model

The two phase diffusion model, which was first used to describe the diffusion of small
ions in packed ion exchange columns (Helfferich, 1962), assumes that the ion exchange
interaction is fast hence the limit factor is the resistance of diffusion. The overall
resistance to diffusion is approximated by two effective films, one in the bulk solution
surrounding the particle and the other in the particle itself. Gramham and Fook (1982)

applied the two-phase diffusion model to the protein. The two phase diffusion model

gives,

3Kt(v 1
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where ¢ is the time of the adsorption, Ry the radius of ion exchange particle, v the volume
of ion exchange particles in solution, and ¥ the solution volume. F(¢) is the fractional

conversion, which is given by
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where go and Cp are the initial protein concentrations in particle and solution,
respectively; and g and C the average protein concentrations in particle and solution at
any time ¢, respectively. K is the overall mass transfer coefficient, and m” is an
equilibrium parameter which is obtainable by the method presented by Graham and Fook

(1982).

2.2 ION EXCHANGE ADSORPTION PROCESSES

There are several different column operations being used for ion exchange adsorption
processes, including packed beds, conventional fluidized beds, expanded beds,
magnetically stabilized fluidized bed (Figure 2.3), and the newly developed liquid-solid
circulating fluidized beds. Each process has its advantages and disadvantages and are

employed for different purposes.

2.2.1 Packed Bed Processes

Ion exchange adsorption is most commonly conducted in a packed bed column. In a
packed bed ion exchange adsorption process, the preclarified broth is introduced from the
top or the bottom of a packed bed ion exchange column, effluent is monitored to check
the protein concentration in it until most ion exchangers are saturated with proteins,
which is indicated by the significant increase of the concentration of the target proteins in
the effluent. The column is then washed and stripped with the extracting buffer. The
fractions of effluent containing high concentration of target proteins are collected for

further purification or/and concentration.




Purification of proteins by adsorption techniques is most commonly carried out using
fixed bed techniques. However, although the isolation of proteins from the process liquid
is relatively efficient, the liquid has to be free of particulates before being processed by a
packed bed. Otherwise, the particulates will be restrained in the bed and will eventualiy
clog the bed. Removal of particles requires an additional separation step upstream of the
adsorption column. Unit operations such as filtration, centrifugation and solids settling
are commonly used for the removal of particulates from the raw broth. These operations
are usually expensive and may result in the loss of considerable amounts of product. This
is particularly true in the case for protein recovery since a typical biological broth
containing proteins (c.g. fermentation broth) contains a large amount of small solids (e.g.
cell debris). Clearly a technique that would enable a protein to be adsorbed from the bulk

liquid, without prior removal of particulate matter, is very advantageous.

2.2.2 Fluidized Bed Processes

Conventional fluidized beds have been suggested by Bartels er al. (1958) to overcome the
limitation of packed bed system. They used fluidized cation exchangers in the
purification of streptomycin from whole Streptomyces broth. Later, Belter er al. (1973)
described a whole broth adsorption of novobiocin on fluidized anion exchangers. Sanchez
et al. (1985) patented a fluidized bed chromatographic process for the protein extraction

from unclarified whey.

A conventional fluidized bed consists of a column packed with ion exchange beads where
the feeding fluid stream (Figure 2.3) is introduced through a liquid distributor at the
bottom of the bed. Above a certain critical fluid velocity, called the minimal fluidization

velocity, the ion exchange beads become suspended in the fluid stream. The conventional




fluidized beds have relatively large voidage between the adsorbents, which allows the
cell debris and other small particulates to pass through. As long as the terminal velocities
of the particulates in the broth are significantly lower than these of the adsorbent beads,
the liquid velocity through the bed can be adjusted so that the particulates can be
entrained out while the adsorbent beads are retained. This is the rationale of its

application in the protein recovery from whole broth.

In the packed bed column, particulates are trapped between the voids between the
particles because the voids are fixed and small. However, in a fluidized bed, the velocity
of the upward liquid is larger than the minimal fluidization velocity of the particles and
the particles are suspended in the column. The voids between the particles can be
controlled by the liquid velocity in the column. Therefore, when the liquid velocity in the
column is larger than the terminal velocity of the particulates in the feed and less than the
terminal velocity of the adsorbents, the particulates will be carried away with the liquid
while the adsorbents are restrained in the column. Therefore, an unclarified feed
containing small particulates can be treated directly using a fluidized bed adsorption
system. However, the conventional fluidized beds have the inherent disadvantage of low
dynamic capacity due to the strong backmixing in the bed, which leads to early product

leakage.

2.2.4 Expanded Bed Adsorption

A novel technique called expanded bed adsorption has been developed recently to
minimize the backmixing problem. The equipment needed for the operation of expanded-
bed operation is very similar to that of a conventional fluidized bed. The major
differences between a conventional fluidized bed and an expanded bed include: (1) the

liquid velocity in an expanded bed is lower than in a conventional fluidized bed thus the




bed is expanded instead of fully fluidized; and (2) the ion exchange particles used for
expanded beds usually have high density and large particle size distribution. The density
and size distribution of ion exchange particles are critical for the success of an expanded
adsorption bed and specially designed ion exchange particles are needed. One strategy for
the making of special ion exchange particles for expanded beds has been the development
of composite adsorbents, where a core of inert dense component (e.g. quartz) is coated
with an ion exchange material (e.g. agarose) to form a new type of ion exchanger with
high density (e.g. Streamline™ ion exchangers). Another approach is to use matrices that

have an inherent high density (e.g. silica-based Spherosil ion exchange particles).

Streamline™ ion exchangers are a good example of those adsorbents. Because of the
inclusion of an inert crystalline-quartz core material provides the required high density
for stable bed expansion, the particle size distribution can be controlled to ensure a
uniform expanded bed with smaller, lighter particles in equilibrium in the upper part of
the column and the larger, heavier particles in the lower part. Backmixing can be
minimized under careful control of the fluidization conditions. Expanded bed adsorption
for protein recovery has attracted intensive interest due to the advantages associate with it
(Beck et al., 1999; Bertrand er al., 1998; Chang and Chase, 1996a and 1996b; Finette et
al., 1998; Hansen et al., 1999; Johansson et al., 1996; Karau er al., 1997; Pessoa et al.,

1996; Ameskamp et al., 1999).

Draeger and Chase (1990) compared breakthrough curves of fixed and expanded bed
adsorption of Bovine Serum Albumin to Q-Sepharose Fast Flow and found that the
expanded bed system behaved much the same way as the fixed bed system. This means
that good separation performance similar to the fixed bed system can be achieved without
the disadvantages of column plugging and high pressure drop. They further studied the

adsorption of BSA in the presence of cells of Alcaligenes eutrophus in the same system
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(Draeger and Chase, 1991). Later, Gilchrist ef al (1994) reported several commercial
adsorbents (Spherodex DEAE and Spherosil DEAE) and a self-made bead (Ti-Celi-1
DEAE) for the protein adsorption in expanded beds using BSA as a model protein.
Hansson et al. (1994) recovered a secreted recombinant protein, fusion protein ZZ-M35, to
high purity from the culture medium by applying the cell-containing whole broth directly
to the expanded bed packed with STREAMLINE™ DEAE. Thommes and his colleagues
(1995) discussed the whole broth recovery of monocional antibodies by expanded bed
adsorption with a commercial adsorbent, STREAMLINE™-SP, and a self-derived
particle, Bioran-SP. The disadvantages of the expanded bed is that it is a batch operation

and the adsorbents suitable for expanded bed adsorption are expensive.

The adsorbents for use in expanded beds have been a major obstacle to the
implementation of this technology. Attention must be given not only to the adsorption
properties of the material, but also to the fluidization properties of the matrix. In addition,
the adsorbent beads must have a range of diameters that are suitable for the generation of

a stable expanded bed in an appropriate apparatus.

2.2.5 Magnetically Stabilized Fluidized Bed (MSFB)

In late 1970’s, Rosensweig and his co-workers (1970) found that fluidization of
magnetically susceptible solids can be stabilized in a uniform gradientless magnetic field
in which the individual particles experience no net force. Stabilization is observed over a
wide range of field strengths and fluidization velocities. The effect of the magnetic field
can be viewed roughly as creating a magnetic dipole in each particle, which cause it to

become “sticky” in a direction parallel to the field lines.
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As is the case in a conventional fluidized bed, the particles in an MSFB behave as a fluid
over a wide range of conditions. Unlike the conventional fluidized beds, however, the
dispersion and backmixing of particulates in a MSFB are effectively zero. A few authors
have reported their effort in using a MSFB for product adsorption. Burns and Graves
(1985) described a MSFB system for continuous protein recovery using affinity
chromatography. Cocker er al. (1997) reported the manufacturing of magnetite
adsorbents for the use in a MSFB system. Nixon and his co-workers (1991) studied
structure and performance of a MSFB system. Although the MSFB systems have many
advantages such as large bed voidage, low pressure drop, good flow quality, and
applicability of whole unclarified broth, there are also some significant problems
associated those systems. The most significant disadvantages of the MSFB systems
include the complexity of the systems and their requirement for specific magnetic

adsorbent particles.

2.2.6 Liquid-Selid Circulating Fluidized Bed

The liquid-solid circulating fluidized bed (LSCFB) is a new type of liquid-solids
contacting device having great potential in chemical engineering, biochemical
engineering, and environmental engineering. Although the concept of a liquid-solid
circulating fluidized bed (LSCFB) has been explored for less than a decade, it has
attracted much interest due to the many advantages associated with it (Liang ef al., 1995;

Liang et al., 1997a, 1997b, 1997¢; Roy et al., 1997; Zheng et al., 1999; Zhu et al., 2000).

There are two types of LSCFBs: the riser-riser LSCFB and the riser-downcomer. A riser—
riser LSCFB is comprised of two risers, which are connected to each other by two solids
return pipes (Liang er al, 1995). A riser-downcomer LSCFB system in contract is

comprised of a riser and a downcomer with auxiliary parts. Please note, from here on, the




22

riser-downcomer type LSCFB will be referred to as LSCFB in this thesis. Development

of an LSCFB ion exchange system is the topic of this thesis.

An LSCFB ion exchange system is an LSCFB equipped with ion exchange adsorbents of
appropriate adsorption and hydrodynamic properties. Generally speaking, an LSCFB is
comprised of a riser, a downcomer, a liquid-solid separator and other auxiliary
components. The donwcomer is assigned as the absorber for protein adsorption and the
riser the stripper for desorption and regeneration. Proteins are thus adsorbed onto the
adsorbents in the downcomer and the loaded-adsorbents are regenerated simultaneously
in the riser (stripper) in a continuous mode. Upon the achievement of dynamic seal
between the two columns, the operating conditions in the two columns of an LSCFB
system could be controlled independently with the solids circulating between the two
columns (Bassi ef al., 2000; Lan et al., 2000, Chapters 5 and 6). This unique feature of an
LSCFB system makes it particularly efficient for adsorption processes using adsorbents
with high selectivity but low adsorption capacity. For such adsorption, the adsorbents
need to be regenerated frequently. In the LSCFB system, adsorption occurs in the
downcomer and the loaded-adsorbents are regenerated in the riser. Therefore, the

adsorption is carried out continuously with the adsorbents maintained in the active form.

Another unique feature of the LSCFB extractor is that the downcomer operates as an
expanded bed with the adsorbent falling down and the liquid phase moving up. The space
between particles in the downcomer can be maintained large to allow the passage of the
colloids in the feed without clogging the bed. In other words, an unclarified broth
containing colloids can be treated directly by an LSCFB extractor without

preclarification. This will significantly simplify the overall purification scheme.
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NOMENCLATURE

protein concentration in bulk solution (mg/ml, g/L)

initial protein concentration in bulk solution (mg/ml, g/L)
equilibrium solute concentration in bulk solution (mg/ml, g/L)
distribution coefficient

film diffusivity (cm?/s)

effective intra-pore diffusivity (cm?/s)

Fractional obtainment equilibrium as described by Equation 2.12
Forward reaction rate constant (cm3/mg-s)

reverse reaction rate constant (1/s)

rate constant of irreversible desorption reaction (1/s)

cverall mass transfer coefficient for film diffusion model (cm/s)
dissociation coefficient (mg/ml, g/L)

mass of ion exchangers (g)

Equilibrium parameter giving the relation between the protein concentration in the

solution and the protein concentration in the ion exchanger

g »
qlll
r

t

P

equilibrium solute concentration in ion exchanger phase (mg/g)
maximum adsorption capacity (mg/g, mg/ml)

radius of ion exchange particle (cm)

time (min)

volume of ion exchangers in solution (ml)

volume of bulk solution (ml)

voidage in finite bath

Density of ion exchange particle (g ml™)
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Table 2.1 Separation techniques used in protein purification

Technique Examples

Precipitation Ammonium sulfate precipitation, isoelectric point precipitation,
hot-shock precipitation, solvent precipitation etc.

Aqueous two- PEG-Dextran two-phase extraction system, PEG-phosphate

phase extraction two-phase extraction system,

Adsorption [on exchange adsorption, affinity adsorption, hydrophobic
adsorption

Liquid Ion exchange chromatography, affinity chromatography,

Chromatography  hydrophobic chromatography, reverse-phase chromatography,
size-exclusion chromatography, gel-filtration, isoelectric point
chromatofocusing

Electrophoresis Isoelectric point focusing electrophoresis, disk electrophoresis,
cross-flow continuous electrophoresis

Membrane dialysis, untralfiltration, cross-flow continuous filtration




Table 2.2 Functional groups found on some typical synthetic ion exchangers (Haddad
and Jackson, 1990)

Cation Exchangers Anion Exchangers
Type Functional Type Functional Group
Group

Sulfonic acid -SO; H™ Quatemary amine  -N(CH3);" OH
Carboxylic acid -COO H' Quaternary amine  -N(CH3)2(E.OH)" OH"
Phosphonic acid  -PO;H H" Tertiary amine -NH(CH;)," OH"
Phosphinic acid -PO,H H* Secondary amine -NH,CH;" OH"
Phenolic -OH" Primary amine -NH;" OH"
Arsonic acid -AsO;H H*

Selenonic acid

-SeO; H'




Figure 2.1 Schematic illustration of structure of an anion exchanger
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Figure 2.2 Diffusion of solute from bulk solution to the ion exchange sites
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Figure 2.3 Schematic diagram of different fluidized beds (a) Packed Bed:
particles are not fluidized and bed voidage is small; (b) Expanded
Bed: particles suspended but not fully fluidized, bed voidage larger
than a packed bed but less than that of a conventional fluidized bed,
diverse particle size distribution reduces backmixing; (c) Conventional
Fluidized Bed: particles fully fiuidized, characterized by large bed
voidage and strong backmixing; (d) Magnetically Stabilized Fluidized
Bed: particies fully fluidized with large bed voidage, backmixing
minimized by the orientation of magnetic particles in magnetic field.

(@) (b) (e (d)
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Chapter 3. Apparatus: the Liquid-Solid Circulating Fluidized

Bed Continuous Ion Exchange System

3.1 OVERALL DESCRIPTION OF THE LIQUID-SOLID CIRCULATING
FLUIDIZED BED
A picture and a schematic diagram of the liquid-solid circulating fluidized bed (LSCFB)
system are shown in Figures 3.1 and 3.2, respectively. The LSCFB system consisted of a
Plexiglas riser column (1), a liquid-solid separator (2), a washing section below the
separator (5), a top solids return pipe connecting the separator and the downcomer (6), a
Plexiglas downcomer column (7), a washing section below the downcomer (%), and a
bottom solids return pipe connecting the riser and the downcomer at the base (10). In the
LSCFB, the adsorption of the proteins was carried out in the downcomer, and desorption
in the riser. This was a continuous process with the ion exchanger particles circulated
continuously between the two columns. Two different liquid streams, the feed in the
downcomer and the extracting buffer in the riser, were used in this system. The riser was
operated in the circulating fluidization regime and the downcomer in the conventional

fluidization regime.

In the process of ion exchange, the feed liquor was introduced from the bottom of the
downcomer and the regenerated particles from the top of the downcomer. The falling
particles and the up-flowing feed liquor contact counter-currently and the proteins in the

feed were adsorbed onto the ion exchange particles in the downcomer. The de-ionized
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liquor left from the top of the downcomer through the raffinate outlet and the loaded
particles fallen to the base of the riser from the bottom solids return pipe, after being
rinsed through the washing section. The extracting buffer was applied to the riser at the
bottom. The superficial liquid velocity in the riser was maintained in a range higher than
the terminal velocity of the ion exchange particles so that the loaded particles were
carried upward by the up flowing buffer. The buffer and the loaded ion exchange
particles hence contact co-currently while desorption and regeneration of the particles
proceeds in the riser. The extract and the regenerated ion exchange particles were
separated by a liquid-solids separator on top of the riser. The extract was then collected
from the extract outlet and the regenerated ion exchange particles returned to the
downcomer through the top solids return pipe, after being rinsed through the washing

section.

3.2 DESIGN CONSIDERATIONS

While designing a LSCFB ion exchange system, the following factors must be taken
into consideration: 1) the height of downcomer/riser should be able to provide sufficient
residency time for adsorption/desorption; 2) smooth solids circulation between the two
columns should be easily achieved and maintained; 3) different liquid streams applied to
the two different columns should be sealed off from each other; 4) particles must be
washed thoroughly before they were transferred from downcomer to riser or from riser to
downcomer; 5) the system should be robust. To achieve above requirements, all the

components of the LSCFB system must be carefully designed.
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3.2.1 Dimeasions of the riser and the downcomer

The development of the design equations regarding the bed height of the riser and the
downcomer is the major interest of Chapter 5. This chapter deals with only the actual
dimensions of the two columns. The riser was an acrylical column of 38.1 mm in [.D. and
3 m in height, and the downcomer of 121 mm in L.D. and 2.5 m in height. The riser was
connected to the downcomer on the upper part through the liquid-solids separator, the top
washing section and the top solids return pipe. At the bottom, the riser and the

downcomer were connected to each other through the bottom washing section and the

bottom solids return pipe.

The extract exit on the separator was at the same level as that of the raffinate exit on the
downcomer. Under such a design, the only pressure difference between the raffinate exit
and the extract exit was caused by the solids holdup in the downcomer, as well as the
difference in the riser and the separator. Since the density of the ion exchangers was only
slightly higher than that of the water, the pressure difference was minimized and the

system was stabilized in a satisfactory range.

The solids entrance on the downcomer was at the point 0.82 m lower from the raffinate
exit. This design has two functions: 1) it provided enough vertical distance for the top
washing section and the bottom solids return pipe that the regenerated ion exchange
particles can be transferred by gravity; and 2) it provided a section of downcomer in
which a freeboard free of ion exchange particle can be maintained under the raffinate exit

so that the ion exchangers were retained while the raffinate was drained.
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3.2.2 Distributors

The distributor of the riser is shown in Figure 3.3. There were two liquid inlets on the
distributor, one for the primary stream and the other for the auxiliary stream. The inlet for
the primary stream was a stainless steel pipe of 11 mm in L.D. It projected 36 mm into the
riser column and thus at the same level as that of the solids entrance at the bottom of the
nser. This arrangement increased the pressure drop across the bottom solids return pipe
and made the system more stable. The auxiliary stream was introduced into the bottom of
the dser through a perforated plate covered by a 100 micron stainless steel mesh. The
function of the auxiliary stream was to stir up the particles at the bottom of the riser to be

entrained up the riser by the combination of the primary and auxiliary liquid streams.

The distributor for the downcomer, as shown in Figure 3.4, was a cycle of a perforated
stainless steel pipe. It allowed the particles to fall through it while introducing liquid into

the downcomer.

3.2.3 Liquid-Solids Separator and the Top Washing Section

A schematic graph of the liquid-solids separator and the top washing section is shown
in Figure 3.5. The liquid-solids separator was a hydraulic cyclone connected directly to
the riser and through a solids retumn pipe to the downcomer. To prevent the loss of
particles through the extract outlet, 2 100 microns stainless steel mesh was used to cover
the extract outlet. There were three mechanisms contributing to the liquid-solids

separation: 1) the diameter of the separator was much larger than that of the riser and thus
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the liquid velocity in it much lower than that in the riser. The liquid velocity in the
separator was kept less than the terminal velocity of the particles so that the particles
were separated from the liquid by gravity; 2) the mesh prevented particles loss in the
separator while draining the liquid. It is important to note that if the liquid velocity in the
separator is too large, the particles would accumulated in it and eventually block the

solids circulation.

The top washing section consists of the funnel bottom of the separator and an acrylic
pipe of 40 mm in diameter and 200 mm in height. The wash water was injected into the
section through an injector at a level slightly higher than the top solids return pipe. Two
features of the washing section help to enhance the washing efficiency: 1) the diameter of
the injector was only slightly smaller than that the of the pipe and therefore the chance of
particles passing the washing section without contacting fresh wash water was
minimized; and 2) since the diameter of the pipe was smaller than the funnel bottom of
the separator, the liquid difference in these two parts enhanced the mixing and thus the
efficiency of washing. The wash water was combined with the extract and left the system
from the extract exit. This arrangement dilutes the extract and was hence a disadvantage.
Nevertheless, it dramatically simplified the structure of the system. Besides, the flowrate
of the wash water was low compared to that of the extracting buffer, therefore the

dilution effect was limited.

3.2.4 Dynamic Seal between the Two Columns
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In the LSCFB system, there are two columns in which two distinct unit operations,
namely adsorption and desorption, take place simultaneously and they are further linked
by the solids flow. In such a system, the dynamic seal between the two columns is of
critical importance since two liquid streams of opposite properties (feed of low ionic
strength and high concentration of contaminants Vs extract of high ionic strength and low
concentration of contaminants) are involved in the two columns and even a partial
intermixing of those two streams will result in the failure of the whole operation. The
dynamic seal between riser and downcomer is achieved by the maintenance of particle
plugs formed in the top and bottom solids return pipes. The formation and maintenance
of the ion exchange plugs is depended on the following design features and operation
conditions:

Pressure difference across a solids return pipe is readily counter-balanced by the pressure
drop across it. This prevents the back flow of liquids.

At the start up stage, initial particle plugs are formed with ion exchange particles fill the
solids return pipes.

The operating conditions are kept in the stable operation window so that the particle
plugs are maintained at steady state.

Butterfly valves are used to restrain the flow of particles from the solids return pipes and

increase the pressure drops across the two solids return pipes.

Washing sections are designed to wash ion exchange particles before being transferred
from one column to the other and therefore preventing the residual liquid from one
column contaminating the main stream in the other column. Figure 3.5 illustrates the
structure of the bottom washing section and the maintenance of dynamic seal at the
bottom. Wash water is introduced into the bottom washing section. As far as the ion
exchange particles in the bottom solids return pipe is maintained in the packed bed

regime, forming a “particle plug”, wash water will be forced upward into the washing
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cabinets in which complete mixing of solids and liquid is achieved. Because the diameter
of the lower part of the washing section is only slightly larger than that of the water
injecting pipe, bypassing of ion exchange particles without washing is minimized.
Furthermore, because the diameter of the lower part of the washing section is much
smaller than that of its upper part, different liquid velocities in those two parts provided

stronger mixing and hence more thorough rinsing.

There is no outlet for wash water at the bottom of the downcomer. The wash water hence
joins the feed and is discharged from the raffinate outlet. This design has the
disadvantage of diluting the feed and increase the liquid velocity in the downcomer (U)-
However, it eliminates the necessity of the dynamic seal between the downcomer and the

bottom washing sections, which much simplified the design and control of the whole

system.

The dynamic seal between the separator and the downcomer at the top is based on the
same principles as discussed above. When the particle plug in the top solids return pipe is
properly maintained, the top wash water will rinse the regenerated particles before falling
into the solids return pipe and prevent the leakage of proteins and salt in the extract from
mixing with the raffinate. Similar to the bottom wash water, the top wash water combines
with extract in the separator. Therefore, it will dilute the extract but not affect the liquid

velocity in the riser.

3.3 SELECTION OF ION EXCHANGE PARTICLES FOR THE LSCFB ION

EXCHANGE SYSTEM




A liquid-solid circulating fluidized bed (LSCFB) ion exchange system is basically a
LSCFB equipped with ion exchangers of appropriate hydrodynamics and adsorption
properties. Selection of suitable ion exchangers is a complicated process comprising
different parameters. Some of the constraints dictating the search for ion exchange

particles for an LSCFB ion exchange process are as follows:

1. Density and particle size

The density and particle size of the ion exchange particles will influence the terminal
velocity and the mass transfer. The terminal velocity of a spherical particle in a given
fluid is determined by the density, diameter and shape of the particle. For the use in an
LSCFB system, the density and size of the ion exchangers must be large enough so that
their terminal velocity is significantly higher than that of the largest particulates in the
feed liquor. Otherwise, the colloids in the feed cannot be separated from the ion
exchangers in the downcomer. Large terminal velocity of ion exchange particles also
favors a large throughput due to the enlarged liquid velocity in the downcomer. However,
when the diameter of the ion exchangers is too large, mass transfer resistance will be
remarkably increased and the accessibility of intemal surface decreased. Hence the

choice of particle size is actually a compromise between different requirements.

2. Porosity

The porosity of ion exchange particles is highly important for an adsorbent for protein
processing as it determines the accessibility of the proteins to the ion exchange ligands on
the internal surface of an ion exchange particle. Studies demonstrated that the protein

adsorption capacity of an ion exchange adsorbent depends remarkably on the pore size of
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the adsorbent (Anspach et af., 1989). It is a well-known fact that in protein adsorption, a
major part of the internal surface of an adsorbent is not fully used, which is attributed to
limited surface access (Unger and Janzen, 1986). The porosity of particles also has strong
effects on the kinetics of protein adsorption because of its significant influence on the

intra-pore diffusion.

3. Capaciry
The adsorption capacity of the particle for the desired product must be of such a
magnitude that the required yield, purity, and time cycle can be achieved within the

economical constraints of the system (quantity of particles, column size, etc.).

4. Stability

None of the ion exchange particles is totally inert towards the broth and the eluent.
Rather, they exhibit a limited lifetime, associated with degradation by dissolution,
chemical surface reactions, aging, attrition, and other processes. The knowledge of the
stability (chemically and mechanically) of the particles is hence very important for
evaluation of the economics and practicality of the particles, especially for a continuous
process as an LSCFB ion exchange system. In the case of protein adsorption, since a high
porosity and a large pore size is essential for the ion exchange particles, the resistance of

the particles to attrition assumes a significant importance.
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3. Irreversible protein adsorption and denaturation

A certain degree of irreversible adsorption and protein denaturation is bound to happen in
protein separation using ion exchange processes, which causes the loss of both the protein
mass and its functionality. Partial unfolding or denaturation of proteins is known to be
atiributable to eluent-mediated and/or surface-induced dynamic effects (Hearn ef al,
1985). Possible hydrophobic interaction between proteins and ion exchanger matrix is

hence an important factor to consider in choosing ion exchangers.

6. Fouling

Fouling is a well-known phenomenon in whole broth separation of proteins by
adsorption. Colloidal fines or particulates such as cells, cell debris, and hydrolyses might
be deposited in the pores of the particles and cause fouling. Fouling might also takes

place through irreversible adsorption or protein-protein interaction in the pores.

7. Cosr of lon Exchange Particles

fon exchange particles for large-scale chromatography should be available at a

competitive price.

A number of commercial ion exchangers were considered for the project. Anion
exchanger Diaion HPA25®, Sigma Chemical Co. (St Louis, MO), was selected as the
most suitable for use in the LSCFB ion exchange extractor. The properties of anion

exchanger Diaion HPA25 are shown in Table 3.1 and are discussed as follows:




47

The capacity of BSA adsorption onto Diaion HPA2S is 88 mg/g, which is satisfactory
for this system;

The average diameter of Diaion HPA25 particles is 0.32 mm, and the wet density
1.08 kg/m’®, which make a terminal velocity of Diaion HPA25 in water of 0.004 m/s,
sufficient for an LSCFB system;

The exclusive size of Diaion HPA25 particles is larger than 100,000 dalton, which is
significantly larger than the molecular weight of bovine serum albumin (BSA, 67,000
dalton) and other whey proteins;

The pI of BSA and whey proteins are in the range of pH 3.5-5.5, the selection anion
exchanger Diaion HPA25 allows the recovery of whey proteins from neutral solution
with a pH at around 7.0. Therefore, the potential environmental problem of dealing
with large amount of acidic waste stream, which is associated with the use of cation
exchangers for those proteins, is avoided;

The price of the particles is one of the lowest among commercial ion exchange

particles. This is a very important factor to be considered for large-scale applications.
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Table 3.1 Properties of Diaion HPA25®
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Matrix

Functional Group

lonic Form

Average Diameter (¢, mm)

Wet Density (o, g/mL)"

Total Exchange Capacity (CI', meq/mL)
Protein Adsorption Capacity (BSA, mg/g)
Exclusive Size (dalton)

Terminal Velocity (U, m/s)

Bed Expansion Index (n)

Polystyrene (highly porous)
Quaternary Alkylamine
cr'

032

1.08

0.6

88

>100,000

0.004

2.67

* Density of wet Diaion HPA25® particles equilibrated with 10 mM phosphate buffer




Figure 3.1 A of the pilot liquid-solid circulating fluidized bed ion exchange system
in the Department of Chemical and Biochemical Engineering at the
University of Western Ontario.
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Figure 3.2 Schematic diagram of the liquid-solid circulating fluidized bed
(LSCFB) ion exchange system. (1) Riser: (2) Solids-Liquid separator;
(3) Extract Outlet; (4) Raffinate outlet: (5) Washing section of the
separator; (6) Top solids return pipe; (7) Solids circulating rate
measuring device; (8) Downcomer; (9) Distributor of the downcomer;
(10) Washing section of the downcomer: (11) Bottom solids return
pipe; (12) The primary stream in the riser distributor: (13) The auxiliary
stream in the riser distributor; (14) Liquid distributor of the riser; (15)
Butterfly valve.
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Figure 3.3 A schematic diagram of the riser distributar
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Figure 3.4 A schematic diagram of the downcomer distributor
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Figure 3.5 A schematic diagram of the combination of the liquid-solids separator
and the top washing section
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Figure 3.6 Schematic diagram of the base of the LSCFB system: dynamic seal
between the riser and the downcomer
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Chapter 4. Bovine Serum Albumin Adsorption onto Anion
Exchanger Diaion HPA25: Equilibrium and Kinetic
Characteristics

4.1 THEORY

4.1.1 Ion Exchange Equilibrium

The adsorption of protein onto an ion exchange adsorbent relies on the ion exchange
reaction which can be simply described by equation 4.1, with the assumption that 1) all
the adsorption site. S, have the same affinity for the protein, P; 2) one protein binds only
to one adsorption sites; 3) protein-protein and protein-matrix interactions are absent and
4) the ionic strength of the bulk solution is low so that the competition from counter-ions

are negligible. The ion exchange reaction therefore takes the following form:
Ay
P+S —— P-S 4.1

where & and k., are the lumped forward and reverse reaction rate constants that take into
account the mass transfer resistances when protein diffuses from the bulk solution to the
adsorption site of the ion exchange reaction, respectively. Therefore, rate of adsorption is
given by the following equation with a second order forward and first order reverse

kinetics:

dg

gl—=k,Cq/ —k,q 42
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where C is the concentration of the protein in the bulk solution, ¢ the protein
concentration adsorbed onto the ion exchangers, and qr the free protein adsorption
capacity (free ligands available for further protein adsorption expressed in protein
adsorption capacity), which is the difference between the maximum adsorption capacity

of the ion exchanger (g,,) and the protein concentration in the ion exchanger (g). Namely,
U=4qm-9q 43

In other words, Equation4.2 can be expressed as Equation 4.4:

dq
91—=le(<1", -q)-kyq 44

At equilibrium conditions, the rate dg/d is zero and Equationd.4 can be simplified as

- q,C

= dm= __ 4.5
K,+C

q

where ¢ and C” are the protein concentrations in the solid phase and the bulk solution at
equilibrium, respectively. Ky is the dissociation constant, which is determined by the

forward and reverse rate constant of the ion exchange reaction (K; = k.\/k;).

2. Adsorption Kinetics

Chase (1987) has obtained the analytical solution for Equation 4.4 for the batch

adsorption as the following:

v (b+a)(l-exp{=2(av/V)kt})

AN
(b tZJ —exp{~2(av / V)k 1}

C=GCp- 4.6
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where C is the initial protein concentration in the bulk solution, v the volume of ion
exchangers, / the volume of the bulk solution,  and b the equation constants determined

as follows:

a=5p- [C"V)qm 4.7

andb=l[§£+q +K"V) 4.8
v v

3. Kinetics of Protein Desorption in a High Ionic Strength Buffer

When anion exchange particles contact extracting buffer of high ionic strength, the
counter-ions in the buffer (e.g. CI)) will compete for the functional groups on the ion
exchanger and substitute proteins from their binding sites. Because the concentration of
counter-ions (in the range of 0.2 - 0.5 M) is overwhelmingly higher than that of protein in
both the ion exchanger phase and the external liquid phase (in the range of 1 uM - 0.1
mM), desorption of protein can be considered to be irreversible. The desorption of

protein from ion exchangers can thus be represented by the following equation:

1+Ps % rs+p 49

where L is the counter-ion and k is the rate constant of the irreversible desorption.

Based on the same fact of the high concentration of counter-ions, it can be taken as
constant throughout the desorption process. Therefore, the kinetics of desorption can be

expressed as flowing:

o A— 4.10
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where g is the concentration of BSA in the ion exchange particles, or in other words, the

concentration of P-S.

Integration of Equation 4.7 gives the solid phase protein concentration profile for the

desorption in a batch operation:

q =q, x exp(—kt) 4.11

where gy is the initial protein concentration in the ion exchangers.

4.2 MATERIALS AND METHODS

1. Equilibrium Studies

Equilibrium studies were conducted by weighing 0.5 g Diaion HPA25 synthetic anion
exchanger particles into a 50-ml Erlenmeyer flask containing 25 ml of 10 mM
appropriate buffer of specified pH and sodium chloride concentration. Bovine serum
albumin (BSA), purchased also from Sigma, was used in adsorption/desorption
experiments. Buffers of different pH were prepared as the follows: pH 3.0, citric
acid/NaOH buffer; pH 4.0 and 5.0, sodium acetate/acetic acid buffer; pH 6.0-8.0,
phosphate buffer; and pH 9.0, glycine NaOH buffer (Perin and Dempsey, 1974). The
concentration of buffers was 10 mM and NaCl was used as the neutral salt for adjusting
the ionic strength of solutions where necessary. The initial BSA concentration was varied
as 0.8, 1.2, 1.6, 2.0, 2.4, 2.8 and 3.2 g/L. The flask was then sealed by parafilm “M”
(American Can Company) and put on a shaker controlled at 25 °C and 200 rpm. After

adsorption for 36 hours (experiments have shown that this time is enough to achieve
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equilibrium under the experimental conditions), the liquid phase was centrifuged at
10,000 rpm for 10 minutes. The protein concentration of the supernatant was analyzed by
measuring the absorbance at 280 nm using a Cary 50-Bio UV-visible spectrophotometer.
The Langmuir parameters, namely the Maximum Capacity of BSA Adsorption onto
Diaion HPA25 and the dissociation constant (K), were calculated using the curve fitter

provided by the SigmaPlot™ software package according to the Langmuir equation.

2. Adsorption Kinetics

The kinetics of BSA adsorption onto Diaion HPA25 was studied using a Bellco reactor
(approximately 200 ml) coupled with a Cary 50-Bio UV-visible Spectrophotometer
(Figure 4.1). As shown in Figure 4.1, the setup for the kinetic studies were comprised of a
Bellco reactor, a Manostat Cassette pump (VWR) and a Cary Bio-50 UV-visible
spectrophotometer with a flowing cell. To study the kinetics of BSA adsorption onto
Diaion HPA2S, 6 g of Diaion HPA25 particles were pre-equilibrated with pH 7.0 (10
mM) phosphate buffer overnight and BSA solution of 2 g/l was prepared in the same
buffer. 100 ml of 2 g/L BSA solution was used in the experiments. The change of the

absorbance of the liquid phase was monitored at 280 nm.

3. Kinetics of BSA Desorption

Six grams of Diaion HPA25 was pre-equilibrated in 100 ml 2 g/L. BSA solution prepared
in 10 mM pH 7.0 phosphate buffer, drained and then washed using cold water three
times. The loaded ion exchangers in exactly 100 ml of 10 mM, pH 7.0 phosphate buffer

containing 0.4 M NaCl in the stirred Bellco reactor and monitor the absorbence at 280

nm.




4.3 RESULTS AND DISCUSSION

4.3.1 Equilibrium

1. Isotherm of BSA Adsorption onto Diaion HPA25

The isotherm of BSA adsorption on Diaion HPA25 in pH 7.0 phosphate buffer (10 mM)
was shown in Figure 4.2. The BSA adsorption onto Diaion HPA25 in the low ionic range
matches Langmuir isotherm. The maximum capacity at the above conditions was

determined as 88 mg/g.

2. pH Dependence of the Maximum Adsorption Capacity (q,)

The pH dependency of the maximum capacity of BSA adsorption onto Diaion HPA2S is
shown in Figure 4.3. The adsorption capacity was zero when pH was less than pH 4.0.
However, g, increased dramatically to approximately 90 mg/ g when the pH increased to
6.0. When the pH was further increased to 7.0, g,, increased slightly to 91.7 mg/g. After
that, in the range of pH 7.0-9.0, the g,, decreased slightly with the increase of pH.

The dependency of the maximum capacity of BSA adsorption onto Diaion HPA25 can be
explained by the amphoteric property of proteins. The net electric charge on the surface
of a protein molecule can be either positive or negative, depending on the solution pH
and the isoelectric point of the protein (pl). If the solution has a higher pH than the pI of
the protein, the charge on the protein surface will be negative and the protein can be
adsorbed onto anion exchanger and vice versa. The value of pH can also affect the
conformation of the protein molecule and hence the mass transfer of the protein
molecules from the bulk solution to the binding sites, the protein-ligand interaction and

the protein-matrix interaction.




The pl of BSA was pH 5.13 (Etzel, 1990). Therefore, when the solution pH was less than
3.0, it was less than the pl of BSA and thus positively charged. Consequently, it could not
be adsorbed onto the anion exchanger Diaion HPA25. When pH was above 6.0, the
surface of BSA was negatively charged and can be adsorbed onto the anion exchanger
Diaion HPA25. The slight change of g, in the pH range of 6.0-9.0 may be explained by
the fact that value of the positive charge on the BSA surface increase with the pH and the
configuration also changed with pH. It is worthwhile to note that there was substantial
adsorption of BSA onto Diaion HPA25 at pH 5.0, a pH slightly lower than the pI of BSA.
This phenomenon may be contributed to the Donna potential existed in the anion
exchanger, which created an inside pH approximately one unit high than that in the bulk
solution. Therefore, when the bulk solution was at pH 5.0, the solution inside the anion
exchanger had a pH of approximately 6.0, remarkably higher than the pI of BSA. From
the above results, the optimal pH for BSA adsorption onto Diaion HPA2S under the

tested conditions was determined to be pH 7.0.

3. Dependency of the Maximum Adsorption Capacity on lonic Strength of the Solution

The influence of ionic strength on the capacity of protein adsorption onto ion exchange
particles is a well-studied topic (Lan er al., 2000b, see Chapter 6). However, studies are
necessary for individual protein/ionic strength pairs to define the suitable ionic strength
range for adsorption and desorption. The dependency of maximum adsorption capacity
on ionic strength was studied in 10 mM pH 7.0 phosphate buffer using NaCl as the
neutral salt for adjusting ionic strength. The maximum adsorption capacity was
determined at different NaCl concentrations varied as 0, 0.01, 0.02, 0.03, 0.05, 0.10,
0.015, 0.20, and 0.3 M. As shown in Figure 4.4, g, decreased significantly with the

increase of NaCl concentration and the value of g, was reduced to zero when NaCl
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concentration was increased beyond 0.2 M NaCl. Therefore, a 10 mM pH 7.0 phosphate
buffer containing 0.2 M or more NaCl can be used as an extracting buffer for stripping
the loaded ion exchange particles. To achieve a thorough desorption and regeneration, a
NaCl concentration of 0.4 M was employed for both the batch desorption experiments or

a continuous operation in the LSCFB ion exchange system.

4.3.2 Adsorption kinetics

The results of batch adsorption kinetic studies are shown in Figure 4.5. The reaction
constant &; for equation 3.6 was determined using the non-linear curve fitter provided by
the SigmaPlot software package. Under the specified experimental conditions, i.e., BSA
concentration 2 g/L, temperature 24 °C, stirring 200 rpm, pH 7.0 and particles/solution

ratio 6 g:100 ml, &; was calculated as 0.00046 L/g-s.

It is interesting to note that the experimental data in the first stage of the adsorption
indicated a remarkably higher rate than the predicted and that in the later stage suggested
a significantly lower rate than the predicted. This was reasonable since the proteins must
travel longer distance from the bulk solution to the binding sites in the later stage, when

most of the sites on the outer layers of the ion exchangers were occupied by proteins.

4.3.3 Desorption Kinetics

A typical graph of desorption kinetics is shown in Figure 4.6. The desorption of BSA
from the loaded Diaion HPA25 anion exchangers was very fast in the early stage: in the
first 2 minutes, the protein concentration in the particles decreased dramatically from
45.8 mg/g to 9.3 mg/g, indicating approximately 80% of the proteins initially loaded on
the ion exchangers were stripped from the particles. The rate constant of desorption under

the tested conditions was determined to be 0.0107 s™'.




It is apparent that after 100 seconds, the desorption curve lagged off and the desorption
rate significantly decreased. After a period of 120 minutes, the protein concentration in
the particles was still about 3.9 g/L, representing a residual ratio of about 8.6%. This may
due to the large diameter of the Diaion HPA2S particle (average particle diameter around
300 micron), which made it difficult to diffuse into the bulk solution for a small fraction

of proteins originally adsorbed on the binding sites deep inside the particles.

This is very significant in compare the rates of desorption, which approached equilibrium
within 2 minutes with a rate constant of 0.0107 s, and the adsorption, which took more
than 180 minutes to reach equilibrium and with a rate constant of 0.00046 L/g-s. The
rapid desorption and slow adsorption kinetics can be partially explained by the different
concentration gradients, which are the major driving forces for mass transfer, in
desorption and adsorption. In our adsorption experiments, the initial BSA concentration
in the bulk solution was 2 g/L. Assuming that the protein concentration in solution in
proximity to the adsorption sites was 0 (the equilibrium at the binding sites was
established instantly), the concentration difference was only 3x10° M. However, the
initial protein concentration in the ion exchangers in desorption experiments was around
45 mg/g, which is more than 20 times as that of the 2 g/L. Since the concentration of CI°
was very high (0.4 M) and the diffusion of small CI” ions into the ion exchange particles
were very fast, the protein molecules would be substituted from the ion exchangers and
be released into the solution in proximity of the binding sites. Given the fact that the
density of ion exchanger is near 1 g/ml and the voidage of it is much less than unit, it is
reasonable to state that the protein concentration inside the ion exchange particles was
higher than 45 g/L. At the beginning, the protein concentration in the bulk solution was O.
Therefore, the initial concentration gradient in desorption was more than 20 times as that

of adsorption.
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NOMENCLATURE
protein concentration in bulk solution (g/L or M)
protein concentration in bulk solution at equilibrium (g/L or M)
desorption rate constant (1/s)
forward adsorption rate constant (g/L-s)
reverse rate constant of the protein adsorption (1/s)
protein concentration in ion exchangers (the solid phase) (mg/ gorg/L)
protein concentration in ion exchangers (the solid phase) at equilibrium (mg/g or
gL)
free protein adsorption capacity ( free ligands available for further protein
adsorption expressed in protein adsorption capacity) (mg/g or g/L)
maximum protein adsorption capacity of ion exchangers (mg/g or g/L)

time (min or s)
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Figure 4.1 Schematic graph of a batch adsorption/desorption kinetic study
system. (1) Bellco reactor; (2) 20 um porosity filter; (3) Cary 50-Bio

UV-visible spectrophotometer; (4) Manostat Cassette pump; (5)
Magnetic Stir Rod; (6) Magnetic Stirrer.
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Figure 4.2 The isotherm of BSA adsorption onto Diaion HPA25 in 10 mM
phosphate buffer at pH 7.0
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Figure 4.3 The pH-dependency of the maximum capacity of BSA adsorption onto
Diaion HPA25 in 10 mM buffers (pH 3.0 citric acid/NaOH buffer: pH
4.0 and 5.0 sodium acetate/acetic acid buffer; pH 6.0-8.0 phosphate
buffer; and pH 9.0, boric acid, KCI/NaOH buffer).
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Figure 4.4 The ionic strength dependency of the capacity of BSA adsorption onto
Diaion HPA25 in pH 7.0 10 mM phosphate buffer.
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Figure 4.5 Experimental and predicted kinetics of BSA adsorption onto Diaion
HPA25 particles in batch adsorption (Co =2 g/L, V=100 mi, v= 15

C (g/L)

ml, Kg = 0.0103 g/L, g = 91.7 mg/g, k; = 0.00046 L/g-s).
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Figure 4.6 Experimental and predicted kinetics of BSA desorption from loaded

q (mg/qg)
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Diaion HPA25 particles in batch desorption (qy = 45.8 mg/g, v = 15 ml,
V=50ml, k=0.0107s™).
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Chapter 5. A Modified Langmuir Model for the Prediction of
the Effects of Ionic Strength on the Equilibrium
Characteristics of Protein Adsorption onto Ion
Exchange/Affinity Adsorbents

5.1 INTRODUCTION

The abiiity to characterize equilibrium accurately is important in all the chromatography
processes including ion exchange chromatography and affinity chromatography. No
prediction of column performance could be done without first measuring or estimating
the adsorption isotherms of these components under the conditions of interest, and the

assurance of the prediction is strongly dependent on the accuracy of these data.

Ionic strength has long been recognized as one of the most important factors affecting the
equilibrium characteristics of the adsorption of proteins onto ion exchange/affinity
adsorbents. Isotherm data regarding the influence of ionic strength on the protein
adsorption have been obtained by studies of various investigators and have been reported

in different sources over the years. Finette et al. (1997) studied the effects of ionic

A version of this chapter has been published.

Q. Lan, A.S. Bassi*, J.X. Zhu and A. Margaritis (2001) “A Modified Langmuir Model
for the Prediction of the Effects of Ionic Strength on the Equilibrium Characteristics of
Protein Adsorption onto Ion Exchange/Affinity Adsorbents”. Chem. Eng. J. 81(1-3): 179-
186
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strength and temperature on the equilibrium characteristics of proteins adsorbed to ion
exchangers and affinity adsorbents and noted that ionic strength had much stronger
effects than that of temperature. By studying the adsorption of bovine serum albumin
(BSA) and other proteins on porous and non-porous anjon exchangers, Janzen and Unger
(Janzen, 1990) concluded that the increased ionic strengths lead to lower binding strength
(higher K;) and lower binding capacity. Similar phenomena have been reported for
various protein/adsorbent pairs by different authors (Harsa es al., 1993; Hashim er al.,
1995; Huang et al., 1990; Leaver, et al., 1990). However, to our knowledge, no
systematic effort has been made to assemble those data into an informational model for

the prediction of ionic strength on protein adsorption.

In this paper we report an empirical model, modified from the Langmuir isotherm model,
based on the analysis of literature data for the prediction of the effects of ionic strength
on the isotherm of protein adsorption. The model is further tested against the
experimental data obtained with BSA adsorption onto a polystyrene-based anion

exchanger, Diaion HPA25.

5.2 THEORY

5. 2.1 Langmuir Isotherm

Many different isotherm models, such as the linear, the Langmuir, the bi-Langmuir, the
Freundlich and the Freundlich-Langmuir isotherms, have been proposed for the
adsorption of solutes in a liquid solution onto a solid surface. Most of those models are
essentially empirical although theoretical derivations have been accomplished in some

cases. Among all those models, the Langmuir model is probably the most popular one
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due to its simplicity and its good agreement with experimental data. It is based on the

following equation:

- _4.C 5.1
(C+K,) ’

where g and C are the equilibrium concentration of solute in solid and liquid phases,

q

respectively. Constants g, and K are Langmuir parameters. The constant gn represents
the maximum binding capacity and K is the dissociation coefficient of the solute-

adsorbent complex, which represents the affinity between the solute and the adsorbents.

The Langmuir isotherm for the adsorption of solute from liquid solution was first
expanded directly from the corresponding isotherm of gas-solid adsorption and was later
on derived thermodynamically (Everett, 1964), kinetically (and stoichiometrically
(Finette ez al., 1997). All those derivations are based on a few common assumptions.
Namely, 1) all binding sites are equivalent, distinguishable and independent; 2) each
binding site combines with only one solute molecule; and 3) a molecule adsorbed onto
one binding site does not influence the adsorption of another molecule on a neighboring
binding site. The Langmuir isotherm has been widely accepted as a practical method for
integrating experimental data of protein adsorption onto ion exchange/affinity adsorbents.
However, in the case of protein adsorption, some of the above assumptions are not
necessarily realistic and the Langmuir model is more an empirical model than a rigorous

theoretical one.




77

5.2.2 Effects of ionic strength on Langmuir parameters

The effect of ionic strength on the protein adsorption onto ion exchange/affinity
adsorbents is a very complex phenomenon. It could be considered from the aspects as
follows:

the salt counter-ions compete against the protein ions for binding sites;

the salt co-ions shield the protein ions and the charged binding sites from each other;

the change of ionic strength changes the folding and configuration of protein molecules
(Stigter and Dill, 1990), resulting in variation of the hydrophobic interaction between the
protein and the particle matrix;

the increase of ionic strength may cause the network of the particle to shrink, reducing
the porosity of the particles and hence the availability of binding sites (Khare and Peppas,

1995).

There is clearly a need to develop a model to incorporate the effects of ionic strength on
the protein adsorption, but it is very difficult to develop a theoretical model for the
prediction of such a complex effect. Instead, a seri-empirical model, modified from the
Langmuir isotherm model, is proposed here for a bi-component system: one kind of

protein under the effect of a sort of small salt:

a+>)
id 5.2
7

+
(m—1)

K,

where [ is the concentration of the small salt, g and C are the protein concentrations in the
bulk solution and the adsorbents, respectively. 7 and y are empirical constants. K; and

qm are the “true” Langmuir parameters independent of the salt concentration. They are
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determined either by experimental data from non-salt protein solution or by the methods

described later.

Let K)=—— 53
o d n—1 d
And g, =-9n_ 54
I
I+—
v

Equation 5.2 is therefore:

= 7.< 55

T (C+KY)
Equation 5.5 is an expression of Langmuir model of protein adsorption under the
influence of salt jons. Constants K’ and g, are apparent Langmuir parameters. The
apparent Langmuir parameters could be obtained by integrating the experimental data at
each individual salt concentration with the Langmuir isotherm by the semi-reciprocal

plot, the Scatchard plot, or the SigmaPlot® non-linear curve fit program.

5.2.3 Apparent dissociation coefficients K,, Dissociation Coefficient (Kz) and
constant (7))

The dissociation coefficient (K,) is a measure of the affinity of the protein to the ion

exchanger. As pointed out previously, it is independent of ionic strengths. Equation

constant 7 represents the dependence of the apparent dissociation coefficient on the ionic

strength. The smaller the value of 7, the more significant the dependence of the apparent

dissociation coefficient on the change of ionic strength. In the process of determining
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model parameters of a specified system, the apparent dissociation coefficient (K,) are
determined directly from the experimental data. On the other hand, in the process of
modeling, K, at different ionic strength could be calculated according to Equation 5.3
provided that constants 7 and K; have been determined before hand. Equation 5.3
describes the relationship between K/, Ky and / When salt concentration / = 0, Equation
5.3 gives K, = Ky Hence K, could be measured directly in a non-salt system. The
dissociation coefficient and the constant 7 can also be determined by rearranging

Equation 5.3. It gives a linear equation as follows:

—_— = 5.6

Graph of 7<L vs. I gives a straight line of an intercept of 1/Kand a slope of - /K.
d

5.2.4 Apparent maximum capacity, maximum capacity and constant y

Equation 5.4 describes the relationship between the apparent maximum capacity,
maximum capacity and the salt concentration. The apparent maximum binding capacity,
gm. is a function of salt concentration, /, for a specified protein/adsorbent system. When
salt concentration is 0, Equation 5.4 gives g = g,.. This confirms the argument that g,, is
the maximum capacity at salt concentration 0 and is independent of the concentration and
the type of the salt. The value of g, could be determined from experimental data of non-
salt system or by regressing the apparent Langmuir parameters obtained at various

individual salt concentrations.




80

Equation constant i is a lumped constant which represents the effects of ionic strength
on the binding capacity of the ion exchanger to the protein. It is an indication of the
interaction between the protein and the salt ions. The smaller the value of i, the more
dependent the apparent capacity is on the ionic strength. The values of g4~ and y can also

be determined by rearranging Equation 5.4:

9., 9. q.v

.In

Plotting 1/g,, vs. I gives a straight line with an intercept of 1/g,, and a slope of
9.¥

the process of modeling, the apparent maximum binding capacity at different ionic

strength could be calculated according to Equation 5.4 with given constants g,, and 1.

5.3 EXPERIMENTAL
Bovine serum albumin (BSA) Fraction V, Anion exchange particle Diaion and other
chemicals were bought from Sigma Co. Equilibrium studies were conducted by weighing
exactly 0.5 g wet ion exchange beads Diaion HPA2S3 into a 50-ml flask containing 25 ml
of 2 mM phosphate buffer (pH 7.0) of appropriate concentrations of BSA and sodium
chloride. The flask was then sealed by Parafilm “M” (American Can Company) and put
on a shaker controlled at 25 °C and 200 rpm. After adsorption for 36 hours (previous
experiments had shown that equilibrium was reached under this condition), the liquid
phase was centrifuged at 10,000 rpm for 10 minutes. The protein concentration of the
supermnatant was analyzed by Lowry’s method. Samples of high protein concentration
were diluted to ensure that the protein concentration did not exceed the upper limitation

of the Lowry’s method.
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5.4 RESULTS AND DISCUSSION

5.4.1 Isotherms of BSA adsorption onto Diaion HPA2S

From the experimental data obtained from the batch adsorption experiments under
different ionic strength at 25°C and pH 7.0, the adsorption isotherms were constructed
and are shown in Figure 1. The apparent maximum capacity (gm) and the apparent
dissociation constant (K,) at each salt concentration were determined using non-linear
curve fitting. Data were also analyzed using the semi-reciprocal plots (C/g vs. C) and the

Scatchard plots (g/C vs. g).

The semi-reciprocal plots (Figure 5.2) and the Scatchard plots (Figure 5.3) of equilibrium
data indicate that the adsorption of BSA onto Diaion HPA25 obeys the Langmuir
isotherm in the tested ionic strength range of 0.0 M to 0.05 M NaCl. The dependency of
apparent Langmuir parameters on the ionic strength is shown in Figure 5.4 and 5.5. As
shown in Figure 5.4, when the NaCl concentration of the solution increases from 0.0 M to
0.05 M, the apparent maximum capacity decreases from 91.69 mg/g to 35.6 mg/g, a loss
of about 61.2% of the capacity of Diaion HPA2S5. It is also evident from Figure 5.5 that
the increase of ionic strength causes dramatic increase of the apparent dissociation
coefficient. When the sodium chloride concentration was zero, the apparent dissociation
coefficient was 0.00907 mg/mi. However, the apparent dissociation coefficient is
enhanced to 0.0373 mg/ml when the NaCl concentration of the solution is 0.05 M (more

than 3.5 times of that at 0.0 M NaCl).
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The significant decrease of the binding capacity and affinity (increase of apparent
dissociation coefficient, K resulted from the increase of ionic strength can be attributed
to the interactions between salt ions and protein molecules and between salt ions and
adsorbents. Those effects influence the electrostatic interactions and the van der Waals
interactions between the protein molecules and the ion exchanger particles (Stahlberg,

1992).

It is to be noted that the maximum binding capacity of BSA to Diaion HPA2S is 1.368 x
107 moles/ g, which is only a very small fraction of the total capacity of the ion exchanger
for small salt ions (2.4 meq/g). At least three factors as follows contribute to the failure of
the stoichiometric match of the total capacity of the ion exchanger to the small
counterions and the available capacity of it to the BSA molecules: 1) the molecular
screening effects make a fraction of the binding sites located on the internal surface of the
particles, which are readily available to small counterions, not accessible to the BSA
molecules (Todd er al., 1994); 2) the bulk BSA molecules, when bound to the binding
sites, shield some neighboring sites and make them inaccessible to other protein
molecules; 3) BSA is a multi-valence protein, and each protein ion is capable of

occupying more than one binding sites.
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5.4.2 Verification of the proposed model against experimental and literature data

Apparent Langmuir parameters of the adsorption of various proteins onto different ion
exchanger/dye affinity adsorbents reported by different authors have been collected and
listed in Table 5.1. Those adsorbents include three cation exchangers, Sp Sepharose,
Fractogel EMD and Fractogel TSK; two anion exchangers, Diaion HPA25 and TSK-
DEAE SPW (5PW); and one dye-affinity adsorbent, Cibacron Biue F3G-A immobilized
onto LiChroprep DIOL (F3G). Five different proteins, BSA, human serum albumin
(HSA), hen egg white lysozyme (HEWL), lysozyme and conalbumin, are involved in the
studies. Those adsorbents and proteins have been studied as seven different
adsorbent/protein pairs chosen by the authors. Except the Diaion HPA25/BSA pair,
which is the system reported in this paper, the other six adsorbent/protein pairs are taken
from three papers from different sources. Necessary transformations have been applied to

some data as noted in the following text.

Huang and his coworkers (Huang et al., 1990) reported adsorption isotherms of albumin
and conalbumin on anion exchanger TSK-DEAE 5PW in Tris-acetate/sodium acetate
buffers (pH 8.6) of salt concentration 0, 0.025 and 0.05 M, respectively. The Langmuir
isotherm was found to be appropriate for integrating the conalbumin adsorption data and
the Binary Langmuir isotherm for the albumin adsorption. Hence only the conalbumin
adsorption data are included in our analysis. It is to be noted that £4/B is equivalent to
g0mand 1/B to K,in that paper. Hashim et al. (1995) studied the effects of ionic strength
on the the equilibrium behaviors of the adsorption of lysozyme on three strong cation

exchangers, Sp Sepharose, Fractogel EMD and Fractogel TSK, in acetate/sodium acetate
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buffers (pH 5.0) of salt concentrations of 0.07, 0.10 and 0.13 M. Langmuir model was
used for the integration of all the experimental data and the apparent Langmuir
parameters of all the three adsorbent/protein pairs are used in our analysis. Data from the
work reported by Finette et al. (1997) were regarding the effects of ionic strength on the
isotherm of the adsorption of HAS and HWEL on a dye-affinity adsorbent, Cibacron
Blue F3G-A immobilized onto LiChroprep DIOL. Experiments were conducted in SO
mM Tris-HCl buffer (pH 7.0). The ionic strength of the buffers were adjusted with NaCl
of four different concentrations: 0, 0.05, 0.10 and 0.20 M. Those seven adsorbent/protein
pairs represent a wide range of adsorbents, proteins and buffers. The validity of the model

is tested against those data, as follows.

The linear dependence of 1/g, and 1/K; on the NaCl concentration of our experimental
data, as a characteristic of the model, is shown in Figures 6 and 7, respectively. The 7*
values of the 1/K; vs. I plot and the 1/gm vs. [ plot are about 0.997 and 0.990,
respectively (Tables 5.2 and 5.3). Those high +* values are a clear indication of the

validity of the model under the tested conditions.

Tables 5.2 and 5.3 show the * values of the 1/ Ky vs. I correlation and the 1/gm vs. 1
correlation of all the seven adsorbent/protein pairs, respectively. As shown in Tables 2
and 3, the »* values for most cases are above 0.920. In the best cases, the » values are
0.997 and 0.950 for Sp Sepharose/lysozyme pair and 0.997 and 0.990 for Diaion

HPA25/BSA pair, respectively. Those results indicate that the model! is applicable to a
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wide range of different ion exchangers and affinity adsorbents. However, keeping in
mind the complexity of the protein adsorption process, it is not surprising to find that in
some cases, the r* values are relatively low (0.839 in the lowest case of the 1/K; vs. J
correlation for the lysozyme adsorption onto Fractogel EMD). In the cases of low linear
correlation, nevertheless, the experimental data still follow the general tendency as
predicted by the model. Namely, the apparent maximum binding capacity decrease with
the increase of ionic strength, while the apparent dissociation coefficient increase with

the increase of ionic strength.

Figures 5.8 and 5.9 compare the experimentaliy obtained apparent Langmuir parameters
of those seven adsorbent/protein pairs as listed in Table 5.1 against the corresponding
predicted data calculated according to the proposed model. To facilitate a more clear
comparison, appropriate multiplication factors have been applied to some of the data as
indicated in those two figures. As shown in the figures, the model predictions agree well
with the experimental results, except for a few cases where some deviations were found.
Most of the deviations were found in the predication of K, values. As shown in
Figure 5.8, four cases out of the 25 points have an error larger than 10%. The other 21
points are either within or very close to the £10% error lines. For the prediction of q,,,'
values, it is interesting to note that the only substantial deviation is in the case of
conalbumin adsorption onto SPW at salt concentration 0.0 M, as shown in Figure 5.9.
The errors between the experimental and the predicted g, values of all the other 24
points are either within or very close to the +10% error lines. This result shows that the

proposed model could be used satisfactorily for correlating the apparent Langmuir
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parameters and the effects of ionic strength for a wide range of ion exchange/affinity

adsorbents.

Figure 5.1 also compares the experimental isotherms of the BSA adsorption onto Diaion
HPA25-BSA (symbols). the best-fit Langmuir isotherms under each individual NaCl
concentration (solid lines) and the isotherms predicted by the new model (dashed lines)
under NaCl concentrations of 0.0 M, 0.01 M, 0.02 M, 0.03 M and 0.05 M, respectively.
Both the Langmuir and the modified Langmuir isotherms match well with the
experimental data. It is to be noted that in comparison with the best-fit Langmuir
isotherms for each individual salt concentration, the new model does generate a
somewhat larger deviation. However, this is reasonable considering that the new model
has incorporated the salt concentration as an additional parameter. This allows the direct
prediction of the effects of ionic strength on the adsorption behavior an important feature

that the original Langmuir mode! does not possess.

5.5 CONCLUSIONS

As a conclusion, the proposed model has been established as a good approach for
predicting the effects of ionic strength on the equilibrium characteristics of protein
adsorption onto ion exchange/affinity adsorbents. It is shown that the proposed model is
applicable to various proteins/adsorbent systems. The accuracy of the predicted data

generated by the model is satisfactory in terms of g,, , K and the isotherms.
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NOMENCLATURE

equilibrium concentration of protein in the bulk solutions (mg/ml or M)
concentration of the small salt in the bulk solution (M)

dissociation coefficient of the protein-ligand complex (mg/ml or M)
apparent dissociation coefficient of the protein-ligand complex (mg/ml or M)
equilibrium protein concentration in solid phase (mg/g or moles/g)

maximum protein binding capacity (mg/g, mg/ml, moles/g or M)

apparent maximum protein binding capacity (mg/g, mg/ml, moles/g or M)

Greek Symbols

empirical equation constant (M)

empirical equation constant (M)
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Table 5.1 Langmuir parameters from literature and experiments

Adsorbent Protein Buffer Salt Im Ky
concentration (mg/g) (mg/mli)
™M)

Sp Sepharose [1] Lysozyme Sodium acetate 0.07 111.6 0.009

+ Acetate 0.10 71.97 0.014
(PH 5.0) 0.13 62.22 0.026
Fracrogel EMD Lysozyme Sodium acetate 0.07 103.73 0.011
+ Acetate 0.10 67.29 0.014
n (pH 5.0) 0.13 63.82 0.028
Fractogel TSK Lysozyme Sodium acetate 0.07 38.38 0.012
+ Acetate 0.10 28.39 0.015

[m (pH 5.0) 0.13 25.38 0.030

Diaion HPA25 BSA 2 mM phosphate  0.00 91.69 0.010

(This study) +NaCl 0.01 68.94 0.013

(pH 7.0) 0.02 60.23 0.015
0.03 51.72 0.020
0.05 42.59 0.037

TSK-DEAE Conalbumin Tris acetate + 0 30.8 mg/ml 0.247

S5PW [2} Acetate + Sodium 0.025 13.2 mg/ml 0.361

(3PW)* acetate (pH 8.6) 0.050 4.8 mg/ml 2381

Cibacron Blue HEWL 50 mM Tris-HC1 0 16.16 0.46

F3G-A + NaCl 0.05 13.70 0.82

Immobilized (pH 7.0) 0.10 11.51 0.94

onto LiChroprep 0.20 10.90 1.65

DIOL [3] HSA 50 mM Tris-HCl 0 5.09 0.31

(F3G)* + NaCl 0.05 4.10 0.43

(pH 7.0) 0.10 3.75 0.72
0.20 2.08 0.91

* Abbreviation used in the text and figures

[1] Hashim et al., 1995

21 Huang et al., 1990

{31 Finette er al., 1997
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Table 5.2 Dissociation coefficient and constant 7 calculated according to the apparent
Langmuir parameters as listed in Table 5.1

Ion Exchanger Protein Salt K4 n r
(mg/ml) (Mx10) (M)

DiaionHPA25 BSA NaCl 0.00907 1.35 0.07194 0.997
SPW Conalbumin SA” 0.237 35.37 0.0582 0.972
Sp Sepharose Lysozyme SA 0.0052 3.63 0.161 0.997
Fractogel EMD Lysozyme SA 0.00648 4.63 0.1766 0.978
Fractogel TSK Lysozyme SA 0.00694 4.85 0.173 0.971
F3G HSA NaCl 0.34 50.74 0.2789  0.855
F3G HWEL NaCl 0.53 370.62 | 0.267 0.839

* SA: sodium acetate
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Table 5.3 Maximum binding capacity and constant y calculated according to the apparent
Langmuir parameters as listed in Table 5.1

Z

fon Exchanger Protein Salt Im v r
(mg/g)  (moles/g x10%) (M)

Diaion HPA25 BSA NaCl 879 1.31 0.0466 0.990
SPW Conalbumin SA 56.82 0.848 0.0050 0.920
Sp Sepharose Lysozyme SA 909.1 63.57 0.00928 0.997
Fractogel EMD Lysozyme SA 303.0 21.19 0.0328 0.970
Fractogel TSK  Lysozyme SA 88.49 6.19 0.0508 0.960
F3G HSA NaCl 5.79 0.086 0.1215 0.878

F3G HWEL NaCl 15.29 1.69 0.4395 0.928




Figure 5.1 Comparison between the experimental isotherms (symbol), best-fit
Langmuir isoherms for given individual NaCl concentration (— ) and
the isotherms predicted by the modified Langmuir model ¢--- ).
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Figure 5.2 Semi-reciprocal plot of BSA adsorption onto Diaion HPA25 at 25 °C,
pH 7.0 and different NaCl concentrations.
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Figure 5.3 Scatchard Plot of BSA adsorption on Diaion HPA25 25 °C, pH 7.0 and
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Figure 5 4 Effects of ionic strength on the apparent maximum binding capacity
{gm) of BSA adsorption onto Diaion HPA25 at 25°C and pH7.0.
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Figure 5.5 Effects of ionic strength on the apparent dissociation coefficient (Ks)
of BSA adsorption onto Diaion HPA25 at 25°C and pH7.0.
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Figure 5.6 Reciprocal of apparent maximum binding capacity (1/ g, } for BSA
adsorption as a function of NaCl concentration at 25°C and pH7.0.
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Figure 5.7 Reciprocal of apparent dissociation coefficient (1/ Ky)as a function of
NaCl concentration at 25°C and pH7.0.
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Figure 5.8 Comparison of the predicted and the experimentai data for the
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Figure 5.9 Comparison of the predicted and the experimental data for the

apparent maximum binding capacity (gm)
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Chapter 6. Continuous Protein Recovery Using a Liquid-Solid
Circulating Fluidized Bed Ion Exchange System: Modelling
and Experimental Studies

6.1 INTRODUCTION

Ion exchange has long been established as a useful method for protein separation. It is
an essential component in many protein purification processes. In the fields of
pharmaceutical and food industries, many valuable proteins are produced in large-scale
with low initial protein concentrations. In such cases, large amounts of fermentation broth
must be dealt with in the early stages of downstream processing. Therefore, the efficiency

and economics of the purification of protein have received much attention.

The development of continuous ion exchange systems has been of intensive interest
since 1960s (Turner and Church, 1963; Higgins, 1969; Slater and Prud’homme, 1972;
Porter, 1975; Himsley, 1981; Pungor et al., 1987; Burns and Graves, 1989; Gordon er

al., 1990; Rodrigues et al., 1991; Byers et al., 1997).

A version of this chapter has been published.

Qingdao Lan, Jing-Xu (Jesse) Zhu, Amarjeet S. Bassi*, Argyrios Margaritis, Ying Zheng
and Gerald E. Rowe, (2001) “Continuous Protein Recovery Using a Liquid-Solid
Circulating Fluidized Bed Ion Exchange System: Modelling and Experimental Studies™.
Can. J. Chem. Eng. 78: 858-866
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Burns and Graves (1989) suggested a two-column magnetically stabilized fluidized bed
system for the continuous chromatography of biochemical products. Those authors,
however, treated the system as comprised of two identical columns and no discussion was
provided about the solids transportation between those two columns. In addition, the
magnetically stabilized fluidized bed system is complicated and costly. Gordon er al.
(1990) reported the continuous affinity recycle extraction of proteins using well-mixed
reactors. This system, although simple and easy to control, has the disadvantage of a
stirred tank system — the ion exchange efficiency is low and large processing volumes are

essential for even a moderate throughput requirement.

The LSCFB ion exchange system is a very attractive strategy for the continuous recovery
of protein from unclarified whole broth. The essential concept is that the adsorption and
desorption (regeneration) of proteins are carried out separately in the downcomer and the
riser of the LSCFB, respectively, in a continuous mode. Since adsorption of protein onto
ion exchange particles is much slower than the desorption process, the downcomer,
which provides longer residence time due to its lower operating liquid velocity, is used
for the adsorption process. The riser, with its high liquid velocity and good plug flow

characteristics, is suitable for the fast desorption process.

The advantages of the LSCFB ion exchange system are obvious. In addition to all the
advantages of a conventional fluidized bed, e.g., the direct application of unclarified
whole broth feed and the low and stable bed pressure drops (Chase, 1994), the LSCFB
system has some special features:

e It operates continuously with simultaneous adsorption and desorption;
e Higher throughput is achievable due to the high liquid velocity in the riser;

e Mass transfer is more efficient as a result of the higher liquid velocity;
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* Independent control of solids hold-up is possible in the riser from the liquid flowrate
by changing other operating conditions;

e Near plug flow conditions can be maintained in the riser.

The design, optimization, and scale up of an LSCFB ion exchange system requires that
the hydrodynamics of the LSCFB system and the equilibrium and kinetics of the
adsorption and desorption of the ion exchanger-protein pair are fully understood.
Equilibrium and kinetics of protein ion exchange have been under intensive study for the
last thirty years. Many equilibrium and kinetic models have been published for different
protein-ion exchanger pairs (Chase, 1984; Skidmore et al., 1990; Mao er al., 1993;
Habbaba and Ulgen, 1997). Hydrodynamic studies of the LSCFB are also of major
interest in the recent years (Liang et al., 1996; 1997; Zheng et al., 1999a; 1999b) and
some models have been published (Liang and Zhu, 1997a; 1997b). However, to our
knowledge, no work has been published in terms of integrating ion exchange and LSCFB

to develop a continuous protein recovery process.

The purpose of this study was to introduce the concepts of using an LSCFB ion
exchange system for the continuous recovery of protein and to develop mathematical
models based on known kinetics and ideal hydrodynamic assumptions so as to provide

guidelines for the scale-up and optimization of the system.
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6.2 EXPERIMENTAL

6.2.1 Setup of the LSCFB system

As shown in Figure 6.1, the major components of the LSCFB system included a riser,
a downcomer, 2 liquid-solid separator and two particle returning pipes, one connecting
the base of the separator and the upper part of the downcomer and the other connecting
the base of the downcomer and the riser. The riser was 3.0 m tall and 38 mm in diameter
and the downcomer was 2.5 m tall and 120 mm in diameter. Two separate liquid streams
were used to fluidize the particles in the riser and the downcomer while the particles
circulated between the two units. The riser was operated in the high-velocity circulating
fluidization regime and the downcomer in the low-velocity conventional fluidization
regime. To secure the pressure balance between the riser and the downcomer, the liquid
outlets on the top of the downcomer and the separator were located at the same level. The
distributor for the downcomer was a tubular ring which was carefully designed in order to

have a uniform liquid distribution while allowing the solids to follow through.

The distributor for the riser was designed to divide the incoming stream into two sub-
streams: the primary and the auxiliary streams. The primary stream entered through a
tubing of 1.1 cm in LD. extending 5.lcm into the riser. The outlet of the primary
distributor was located right above the solids entrance at the bottom of the riser. This
design helped to increase the pressure drop across the particle returning pipe at the
bottom, which was very important for the dynamic seal between the riser and the
downcomer and the stabilization of the whole system. The inlet of the auxiliary stream
was at the bottom of the riser. The purpose of the auxiliary stream was to mobilize the
particles at the bottom, which were then carried up the riser by the combination of the

primary and the auxiliary streams.




6.2.2 Continuous BSA ion exchange in the LSCFB system

Continuous BSA ion exchange in the LSCFB ion exchange system was conducted
with 2 g/l BSA solution as feed and 0.4M NaCl solution as extracting buffer unless
otherwise indicated in the text. Anion exchange particles Diaion HPA25®, purchased
from Sigma (St Louis, MO), were used for all hydrodynamic and kinetic studies. The
properties of Diaion HPA25® are listed in Table 6.1. Bovine serum albumin (BSA)
purchased also from Sigma was used as model protein in the experiments. Both BSA and
NaCl solutions were prepared in 10 mM, pH 7.0 phosphate buffer. Other conditions are

indicated in the text.

In the continuous BSA ion exchange studies in the LSCFB, the feed BSA solution was
introduced from the tubular distributor into the base of the downcomer. The regenerated
Diaion HPA25® ion exchange particles were returned to the top of the downcomer via the
return pipe. The liquid velocity was maintained such that the downcomer operated in the
conventional fluidized regime, whereas the ion exchange particles moved downwards
countercurrent to the rising feed liquid. The liquid velocity in the downcomer was
maintained lower than the terminal velocity of the ion exchange particles to allow them to
fall down. As the particles and feed broth contacted counter-currently in the downcomer,
the BSA in the broth was adsorbed onto the ion exchange particles. The de-proteinized
solution was discarded from the top of the downcomer. The loaded particles were
transferred to the base of the riser from the downcomer through the particle return pipe.
The extracting buffer, which was 0.4M NaCl solution in 10 mM pH 7.0 phosphate buffer,
was introduced from the riser base. The superficial velocity in the riser (Up) was the
combination of the primary and the auxiliary stream velocity, and it was kept higher than

the terminal velocity of the Diaion HPA25® particles. The loaded particles were carried
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upward by this NaCl stream while desorption proceeded. In the liquid-solid separator, the
regenerated particles and the effluent were separated and the regenerated particles were

continuously returned to the downcomer.

In the continuous ion exchange LSCFB system, two different liquid streams of opposite
properties, i.e., protein solution of low ionic strength and extract buffer of high ionic
strength, were involved in the two columns separately. In this process, maintenance of a
dynamic seal between the two columns to prevent the mixing of the two liquid streams
was of crucial importance. This dynamic seal was achieved by keeping the solids in the
returning pipes in the packed bed regime, which is discussed in detail in elsewhere (Lan
et al., 2000b). In addition, wash water streams were introduced between the riser and
downcomer at the base and top of the LSCFB. Thus the operation in the riser and the
downcomer was maintained independent of each other except for continuous circulation
of solids between the two columns. The two wash water streams displaced and diluted the

feed and the extraction buffer streams before the particles entered the return pipes.

6.3 MODEL DEVELOPMENT

6.3.1 Ion exchange kinetics

The ion exchange reaction can be represented as:

AB + RE < > AE + RB 6.1
where 4 and R represent the co-ions in the liquid phase and the fixed ions of the ion
exchange particles, respectively; B and E represent the exchangeable ions of the liquid

and the particles phase, respectively; k; and k., are reaction constants.
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Assuming that the surface reaction is slow compared to the mass transfer and internal
diffusion rates so that the protein concentration is the same inside and outside the
particle, i.e., if the process is reaction rate controlling, the kinetic rate equation is given as

(Yang and Tsao, 1982; Chase, 1984):

dc,
dr

R, =- =kC,(q, —q9,)-k4q, 6.2

where Ry is the protein adsorption rate (the “reaction rate™), which takes place in the
downcomer, Cy is the protein concentration in liquid phase of downcomer, gm is the
maximum capacity of the ion exchange particles, g, is the protein concentration of the
solids phase in the downcomer, &; is the forward reaction rate constant, and k.; is the
backward reaction rate constant. Under the equilibrium assumption, k. could be related
to the dissociation coefficient of the protein-ion exchanger complex as
ki-k Ky 6.3
where K is the dissociation coefficient which could be determined by equilibrium

studies or calculated according to isothermal models (Lan et a/., 2000a).

It should be mentioned that the reaction rate controlling assumption is often an
approximation as in most cases of ion exchange, the rate of surface reaction is very fast
compared with that of mass transfer. Under this assumption, the reaction constants, &, and
k.1, are lumped constants which represent the overall influence of ion exchange reaction
as well as mass transfer. Nevertheless, Equation 6.2 has been used successfully by many
authors for the modelling of adsorption behavior in packed beds and finite baths, among
which are the Thomas solution (Thomas, 1944) and the more recent model developed by

Chase (1984).
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The desorption of protein from ion exchange particles is often a very fast process in
comparison with the adsorption of protein onto ion exchange particles. For simplification,
the kinetics of protein desorption in the riser can be represented by (Yang and Tsao,

1982):

. 6.4

s d[
where £ is the reaction constant and g, is the protein concentration in the solids phase in
the niser. Equation 6.4 represents the first order kinetics of protein desorption from ion

exchangers.

6.3.2 Design Equation of the Downcomer

The downcomer is operated as a conventional fiuidized moving bed (Kwauk, 1992) in
which the solids and liquid contact counter-currently: the liquid moves upward and the
solids downward. The downcomer is divided into three sections according to the different
solids holdups: the freeboard, the dilute section and the dense section (Lan ef al., 2000b).
The freeboard is the section from the column top to the solids entrance of the top solids
return pipe. There is a small amount of ion exchange particle in the freeboard. The
function of the freeboard is to prevent the ion exchange particle from being lost into the
effluent streamn at the top of the downcomer. The dilute section extends from the solids
outlet of the top solids return pipe to the upper boundary of the dense section. Ion
exchange particles fed from the top solids returning pipe falling through the dilute section
to the surface of the dense section. The solids holdup of the dilute section is very low in
comparison with that of the dense section. The bed voidage of the dense section could be
calculated by the modified Richardson and Zaki equation (Richardson and Zaki, 1954;
Kwauk, 1992). That is
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V’ld +I/:d =£:vl 6.5
U

t

where n could be determined experimentally or from the correlation:

d
n= [4.4 + 18—DLJ Re, ™! 6.6

Re, is the Reynolds number with respect to the particle terminal velocity, which is

given as:

= Uldppl
¥

Re 6.7

4

and U; is the superficial liquid velocity at £ = 1, which could be determined by the
following correlation (Richardson, 1971):

d
logU; = logU, - —bp— 6.8

The protein concentration in the liquid stream of the dilute section, after being
adsorbed by the dense section, is also very low. It is hence assumed that there is no
adsorption in the dilute section. That is, to understand the adsorption in the downcomer,
we need only to consider the dense section height as the effective bed height. Figure 6.2a
shows the counter-current contact between the liquid and solids phases in the dense
section in the downcomer. Protein in the bulk liquid is adsorbed onto the ion exchanger
particles. For a finite element in the liquid phase, the conservation of mass gives
acC, ﬁ _ oc, 6.9

-~ D R, =—=
oz, oz, M

Uld
At steady state, the protein concentration at a particular point along the bed height will
not change with time, ie, &/& = 0. For simplicity, it is further assumed that the

downcomer operates in plug flow so that the axial dispersion is zero. This is reasonable
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since the downcomer is in the uniformly suspended particulate fluidisation regime and

the liquid velocity is very low (<0.01lm/s). Equation 6.9 is thus reduced to:

%s _g, =0 6.10

<d

Uld

In the downcomer, the boundary conditions are:
740, Ca-Cos Gd=qea
za=Hy Cq=Cea, g2 = qod = qer 6.11
As the density of the ion exchange particles is very small (1.05 - 1.10 g/mL) and the
liquid velocity in downcomer is very low (less than 0.01 m/s), it is reasonable to assume
that the axial particle distribution is uniform (Zheng et al., 1999a). Under this
assumption, the mass balance of protein in the downcomer gives:
Ui

9y = (Cd _C,:d)"‘qo,[ 6.12
Uy

Substituting Equation 6.12 into Equation 6.2 gives

Ry =a,Cl +BuCh+7u 6.13
where
a, =-kd, 6.14
Bu =k4q, +k6,C, -kq,—k K5, 6.15
Y =k K6,C —kKq, 6.16
U,
Sy = UI 6.17

5

Substituting Equation 6.13 into Equation 6.10 and integrating, we have:




Za o [ dCy 6.18

- 3
Ui oy C)” + B Cy+vy

The analytical solution for Equation 6.18 is therefore

z [ 2y,.C, -
Zd_ B, ———ln(_)y“ i+ Bu ¢u) 6.19
U Bu 27uCa + By +84

where

b = \/ﬂuz —4a!,‘,7M 6.20

o m( 27 Coy + B = ¢MJ 6.21
P 2§ uCou + B + by

Considering the boundary conditions, i.e., when z;= Hy Cg- C.s the parameter C.y is

Bld

given by the following formula:

H, =B, —Lln 2YuCoi + Bu ~bu 6.22
Uu bu 2WuCou+ By +dy

The bed height of the downcomer for the required protein adsorption, i.e., for a given
value of C,y, is therefore:

H,=U,[B, - LMM)] 6.
bu 27uCu+ By +du

Equation 6.23, in conjunction with Equations 6.15-6.17, and Equations 6.21 and 6.22,

t2
(93]

can be employed to calculate the required bed height for a given protein adsorption ratio
(X4 under certain operating conditions. In such cases, the protein concentration at the

outlet of the downcomer is given by

Cea = Cou(l - Xa) 6.24

Rearranging Equation 6.19 and dividing by Cy, gives:




B =0 ~(Bu +d,)expl(B, - %‘)451‘1 ]
C, = I 6.25

2y exp((B,, — [}—"ml -2y
ld

Combining Equation 6.12 and Equation 6.25 gives

Bu—0u— (B +bu)expl(B, - ;_J)¢/d]
94 =9, Z “ —Ct+qoy 6.26
2yCo, exp[(B,, — U—d)¢m] —2yCyy
Id

Equations (25) and (26) give the axial protein concentration profiles in the liquid and

solids phases, respectively.

The solids phase protein concentration at the solids exit at the bottom of the

downcomer is a very important parameter, which is given from Equation 6.13 as follows:

Gy =0,,(Coy —C0) + oy 6.27

6.3.1 Design equation of the riser

Figure 6.2b shows the co-current flow of liquid and solids in the riser. Similarly, by
assuming plug flow of both the liquid and solids phases in the riser, we can obtain the
integration equation for the axial profile of the protein concentration in the solids phase in

the riser following the procedure below.

The conservation of mass in a finite element of the solids phase in the riser gives:




v % _p _o 6.28

sr sr
3.'_ -

In most cases, the desorption of protein from ion exchangers is very fast and can be
described by a first order equation in terms of the depletion of protein from the solids

phase as Equation 6.8 (Yang and Tsao, 1982).

Substituting Equation 6.8 to Equation 6.28 and integrating gives:

A 6.29
Usr or qu

The analytical solution of Equation 6.29 is given as:

z

U

1
~ = —In(g,, /4,) 6.30

The boundary conditions in the riser are:
Zr = 01 C‘r= C0r= O. dr=4qor=gea
Z-H, Cr-Cer.  Gr=Ger 6.31

The equation to calculate the height of the riser required for a given protein desorption

is:

W
[}

H =£”—ln( !

6.
=% Tk

where X, is the protein recovery of the desorption process (desorption ratio) in the riser

and is given by:

X = Gor ~9er 6.33
9or

Rearranging Equation 6.32 gives axial profile of the protein concentration the solids

phase in the riser:
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lGr
q.= exp(_ a‘.—)qOr 6.34

sr

Mass balance of protein in the riser gives

U a2
q, =qo, —CrU_’ 6")5

5
Substituting Equation 6.35 into Equation 6.34 and rearranging gives the axial protein
concentration profile in the liquid phase in terms of the protein concentration in the riser:

kz,

U
C, =2 g, [1—exp(-
ST o, [1—exp( O

sr sr

)] 6.36

6.4 RESULTS AND DISCUSSION

6.4.1 The Bed Expansion Index

The bed expansion characteristics of Diaion HPA25® were investigated in the riser but
without solids circulation. The ion exchange beads were placed in the bed and the height
of the packed bed was 0.25 m. Tap water was introduced at the bottom of the bed. Liquid
velocity was varied in the range of the minimal fluidization velocity (U, and the
terminal velocity (U;) of the particles. The bed height corresponding to different liquid
velocities were recorded after the change of the flowrate, when the bed height stabilized.
The bed expansion index (n), which is the slope of the linear curve of the logarithm plot
of reduced liquid velocity versus bed voidage, i.e., In(U/U,) versus In(&), was determined

to be 2.67. This value is very close to that calculated from Equation 6.6.
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6.4.2 Relationship Between Solids Holdup and Superficial Liquid Velocity in the
Riser

When other operating conditions such as the solids circulation rate are constant,
increase of superficial liquid velocity in the riser results in the decrease of solids holdup
in the column. In other words, the same solids flux is mixed with and carried up by a
larger liquid flux and hence the bed is more “diluted”. Figure 6.3 shows the relationship
between the solids holdup and superficial velocity in the riser under condition of U, - 6
mm/s, G; - 1.24 kg/m*s, Hy - 0.8 m and U, - 0.6 mm/s in the LSCFB with 3 kg Diaion
HPA25® as solids and tap water as fluidization liquid. The turning point as reported by
Zheng et al. (1999a) is not detected in the experiments, possibly due to the limited liquid

velocity range involved in the experiments.

6.4.3 Continuous BSA Ion Exchange in the LSCFB System

Figures 6.4 and 6.5 show typical experimental concentration profiles during BSA
adsorption in the downcomer and the desorption in the riser, respectively. The BSA
adsorption/desorption experiments were conducted in conditions as follows: U, = 0.0113
m/s, Uy = 0.6 m/s, Gs - 0.124 kg/m*s and Coy = 2 g/L. During those experiments, the
expanded dense section height in the downcomer was kept at 0.8 m, i.e., H; = 0.8 m.
Figure 6.4 shows the two stages of the BSA adsorption in the downcomer. In the
developing stage, the BSA concentration in the liquid phase increases rapidly after the
introduction of the BSA solution into the downcomer. As the process goes on, the steady
state was established and the BSA concentration at each location along the bed remains
constant with time. In the steady state stage, the BSA concentration in the loaded

particles was also constant. This was very important for the establishment of steady state
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in the riser. Figure 6.5 shows that the desorption of BSA from loaded Diaion HPA25% in
the riser could be divided into three stages: the initial stage, the developing stage and the
steady state stage. At the initial stage, only fresh ion exchange particles in the bottom
solids returning pipe were introduced into the riser. Therefore, the BSA concentration in
the liquid phase of the rser at any bed height was zero. As partially protein loaded
particles started to be introduced into the riser, the BSA concentration in the riser
increased rapidly with time. After this initial or developing stage, the steady state was
established in which the BSA concentration in the riser did not change with time. The
time required to reach steady state in the riser was much longer than that in the
downcomer. This phenomenon could be explained as follows: (i) the steady state in the
riser could be established only after the downcomer reached steady state and (ii) it was

further delayed by the necessity of transporting the particles in the lower solids return

pipe.

6.4.4 Validation of the Model

With the model proposed above, the efficiency of ion exchange in an LSCFB system
could be calculated for a given set of operating conditions. On the other hand, the
required bed dimensions could also be calculated for a required recovery rate of BSA. To
validate the model, the predicted BSA concentration profiles in the riser under Coy = 2
g/L, Uiy = 0.6 mmvs, G, =124 kg/mz-s and various U, and corresponding solids holdup
(&) are shown in Figure 6.6. The hydrodynamic, kinetic and equilibrium parameters used
for the simulations are presented in Tables 6.1 and 6.2. The bed height of riser is 3 m and
the height of dense section in the downcomer is taken as 0.8 m in the simulations.

Experimental data obtained under the same operating conditions are also shown in Figure
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6.6. It can be seen that the predicted results have good agreement with the experimental
data. With the increase of the superficial velocity in the riser, when other conditions such
as the solids circulation rate and protein concentration in the entering beads were kept
constant, the protein concentration in the extract decreased significantly. Given the large
overall reaction constant of desorption, it was reasonable to find both experimentally and
theoretically that the equilibrium was established early in the column. Only 0.5 m of the 3
m riser seemed essential for desorption. However, the remaining bed height was

necessary for solids transportation and regeneration.

The simulated and experimental results of BSA adsorption: in the downcomer under
conditions of Coy =2 g/L, Uiy = 0.6 mm/s, U;, = 0.0113 m/s and various G; are shown in
Figure 6.7. The experimental results agreed well the simulated data. Both the
experimental and predicted data showed the significant influence of the solids circulation
rate (G;) on the BSA adsorption in the riser: At a high G, of 1.42 kg/mz-s, almost all the
BSA in the feed had been removed. However, when G, was reduced to 1.06 kg/m2~s, only
about 70% of the BSA in the feed was loaded onto the particles. When the flow-rate and
the concentration of the feed were kept constant the removing ratio of BSA is determined
by the total capacity of the regenerated ion exchange particle flux. The deviation of the
experimental data from the simulated data at the lower portion of the downcomer
(z4/H4<0.3) was possibly caused by the back mixing of ion exchange particles in the

distributor zone of the downcomer.

6.4.5 Effects of Liquid Velocity in the Downcomer

With the model validated, simulations were used to carry out a parametric study on the
protein recovery in the LSCFB. The parameters used in the simulations were the same as

discussed in the validation of the model.
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The significant effects of liquid velocity in the downcomer (Uyy) are shown in Figure
6.8. The influences of Uy, on the performance of an LSCFB system could be identified in
many aspects. First of all, Uy directly affected the residence time of the liquid phase in
the downcomer. Secondly, it influenced the bed voidage in the downcomer as described
by Equation 6.5. Thirdly, when the solids circulation rate was constant, change of U
changed the feed rate of BSA into the system and therefore changed the mass balance of
BSA in the downcomer. As shown in Figure 6.8, the BSA concentration at the outlet of
the riser, C,, increases with U However, the adsorption ratio decreases with Uy, as the
BSA concentration in the raffinate at the outlet of the downcomer, C.q, increases with Ul.
The value of C.; is an indication of BSA lost into the effluent stream from the
downcomer (the raffinate stream). It should be noted that when the liquid velocity is too
high, the liquid/solids ratio will become so large that the total protein in the liquid phase
will exceed the capacity of the ion exchange particles. This situation should be avoided
because it will cause the loss of protein and result in a dramatic decrease of the protein

adsorption ratio.

6.4.6 Effects of Solids Circulation Rate

The solids circulation rate is a parameter which indicates how fast the solids circulate
between the riser and the downcomer. The higher the G, the higher the efficiency of the
LSCFB system. This is clearly shown in Figure 6.9, where the simulation resuits on the
effects of G; on the performance of the system confirmed that a higher G, was beneficial

to the performance of an LSCFB ion exchange system.
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6.4.7 Effects of Protein Concentration in the Feed

As shown in Figure 6.10, the model simulation results showed that the protein
concentration in the solids phase at the bottom of the downcomer (q.s) and the liquid
phase protein concentration at the top of the riser (C,,) increased with Coy However, an
increase of the Cyy without being balanced by the decrease of Uy, will increase the
loading rate of BSA to the system. If the loading rate goes up above the BSA adsorption

capacity of the system, significant amount of BSA will be lost.

6.5 CONCLUSIONS

A continuous ion exchange process using a liquid-solid circulation fluidized bed has
been developed for the continuous protein recovery using a commercially available
polystyrene anion exchange, Diaion HPA2S5, as the adsorbent. The dynamic seal between
the riser and the downcomer was achieved by maintaining the solids in the solids return
pipes in the packed moving bed regime. This system was proven to be stable and its
application to the continuous ion exchange of BSA was successful. A model has been
developed for the LSCFB ion exchange system based on established ion exchange
kinetics and the plug flow assumption for the downcomer and the riser of the LSCFB.
Experiments and simulations have been conducted to investigate the effects of various
operating conditions. Comparison between the experimental and simulated results
showed good agreement, indicating that the model provides useful guidelines for the

practical design of such a system.
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NOMENCLATURE

constant, as defined by Equation 6.21, s

concentration of protein in the liquid phase, mg/mL

particle mean diameter, m

column diameter, m

riser height, m

dense section height in the downcomer, m

lumped reaction rate constant of ion exchange adsorption, mL/mg-s

backward reaction rate constant of ion exchange adsorption, 1/s

irreversible desorption reaction constant, 1/s

dissociation coefficient of ion exchanger protein complex (K; = k../k;), mg/mL
coefficient as defined in Equation 6.3

concentration of protein in solids phase, mg/mL

maximum adsorption capacity, mg/mL

theoretically achievable solids phase protein concentration at the outlet of ion
exchanger particles assuming that all the proteins originally exist in the liquid
phase are adsorbed to the ion exchangers, kg/m’

particle Reynold number at free settling condition

overall protein adsorption rate in the downcomer, mg/mL s

overall protein desorption rate in the solids phase in the riser, mg/g-s

time, s

auxiliary liquid velocity, m/s

Superficial liquid velocity at £= 1, as defined by Equation 6.5, m/s

superficial liquid velocity, m/s

superficial solid velocity, m/s

particle terminal velocity, m/s
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P
Yid
Oz

&s
Pl
P
P

liquid velocity (m/s or mm/s)

solids velocity (m/s or mm/s)

overall protein recovery in the LSCFB
protein adsorption ratio in the downcomer
protein desorption ratio in the riser

distance from the bottom of a column, m

Greek Letters

equation constant, as defined by Equation 6.14
equation constant, as defined by Equation 6.15
equation constant, as defined by Equation 6.16
equation constant, as defined by Equation 6.17
bed voidage

solids holdup

liquid density of liquid, kg/m’

density of particles, kg/m®

equation constants, as defined by Equation 6.20

Subscripts

downcomer
exit
liquid phase
riser
solids phase

inlet
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Table 6.1 Properties of Diaion HPA25®

Matrix Polystyrene (highly porous)
Functiona! Group Quaternary Alkylamine
Ionic Form crt

Average Diameter (dp, mm) 0.32

Wet Density (o, g/mL) 1.08

Total Exchange Capacity (Cl’, meq/mL) 0.6

Exclusive Size (dalton) >100,000

Terminal Velocity (U, m/s) 0.0045

Bed Expansion Index () 2.67

* Density of wet Diaion HPA25® particles equilibrated with 10 mM phosphate buffer




Table 6.2 Parameters of BSA adsorption/desorption onto/from Diaion HPA25® obtained
in our laboratory

K, (mg/ml) k) (mL/mg-s) g (mg/ml) k(1/s)

0.00907 0.005 87.9 0.045




127

Figure 6.1 Schematic diagram of the Liquid Solid Circulating Fluidized Bed
(LSCFB) ion exchange system
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Figure 6.2 Flow patterns in the downcomer and the riser: (a) counter-current
contact of liquid and solids phases in the dense phase zone of the
downcomer; (b) co-current contact of liquid and solids phases in the
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Figure 6.3 Dependency of solids holdup in the riser on the superficial liquid
velocity in the riser (U,) (Beads: Diaion HPA25®; fluidization fluid: tap
water; room temperature).
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Figure 6.4 Typical experimental BSA adsorption profiles in the downcomer (Uy =
0.0006 m/s, Uy=0.0113 m/s, Gs= 1.24 kg/m?s, Hy= 0.8 m, Cog = 2
mg/mL, pH 7.0 and room temperature).
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Figure 6.5 Typical experimental BSA desorption profiles in the riser (Ujz= 0.0006
m/s, Ur=0.0113 m/s, Gs= 1.24 kg/m?s, Hy= 0.8 m, Cog = 2 mg/mL,

pH 7.0 and room temperature)
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Figure 6.6 Comparison between the experimental and predicted steady state
BSA desorption profiles in the riser at various superficial liquid velocity
in the riser (U)) (Uw=0.0006 m/s, Gs= 1.24 kg/mz-s, Hy=08m, Coy =
2 mg/mL, pH 7.0 and room temperature).
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Figure 6.7 Comparison between the experimental and predicted steady state
BSA adsorption profiles in the downcomer at various solids circulation
rates (Gs) (Ug= 0.0006 m/s, U;=0.0113 m, Cog = 2 mg/mL, pH 7.0 and
room trature).
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Figure 6.8 Simulation of the effects of superficial liquid velocity in the downcomer
(Uig) on the BSA adsorption onto and desorption from Diaion HPA25®
in the LSCFB: (a) Adsorption in the downcomer; (b) Desorption in the
riser. (Uy=0.0113 m/s, Gs= 1.24 kg/m?s, Hy= 0.8 m, Coq =2 mg/mL,

pH 7.0 and room temperature)
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Figure 6.9 Simulation of the effects of solids circulating rate (Gs) on the BSA
adsorption onto and desorption from Diaion HPA25° in the LSCFB
system. (a) Adsorption in the downcomer; (b) Desorption in the riser.
(U = 0.0006 m/s, U= 0.0113 m/s, Hy= 0.8 m, Cog =2 mg/mL, pH 7.0
and room temperature)
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Figure 6.10 Simulation of the effects of BSA concentration in the feed on the BSA
adsorption onto and desorption from Diaion HPA25% in the LSCFB. (@)
Adsorption in the downcomer; (b) Desorption in the riser. (U= 0.0006 m/s,
U= 0.0113 m/s, Gs= 1.24 kg/m*s, Hy= 0.8 m, pH 7.0 and room

temperature).
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Chapter 7. Investigation of the Continuous Recovery of BSA in an

LSCFB Ion Exchange System

7.1 INTRODUCTION
The simplification of the downstream treatment is one of the key factors contributing to the cost
reduction of a biological production process. This may be achieved in three ways: 1) integration
of separate single steps into a new unit operation; 2) evolution of a batch process into a
continuous process; and 3) the combination of steps 1 and 2. A typical biological broth usually
contains a large amount of very small solids and relatively low concentration of desired product.
The first task in developing a new isolation process for biological production hence usually
focuses on the selection of an appropriate procedure for handling the solids present in the broth.
This is typically achieved by using filtration or centrifugation. However, colloidal solids like cell
debris and the viscous properties of biological broth frequently make those methods both costly

and inefficient.

Whole broth extraction with a fluidized bed ion exchange system is a good strategy for down

stream treatment as it eliminates the difficult solids separation step and recovers the desired

A version of this chapter has been submitted for publication.

Qingdao Lan, Amarjeet S. Bassi, Jing-Xu (Jesse) Zhu, Argyrios Margaritis (2001)
“Investigation of the Continuous Recovery of BSA in an LSCFB Ion Exchange System” AIChE
J. (Submitted)




products directly from unclarified whole broth. The large bed voidage of a fluidized bed allows
the particulates in the feed to pass through the bed while retaining the ion-exchange particles in
the bed as the superficial liquid velocity was maintained in the range higher than the terminal
velocity of the particulates in the feed and lower than the terminal velocity of the ion-exchange
particles (Draeger and Chase, 1991; Chase, 1994). Continuous ion exchange using different
fluidized bed systems has been a topic of extensive research (Turner and Church, 1963; Higgins,
1969; Slater and Prud’homme, 1972; Porter, 1975; Himsley, 1981; Pungor et al., 1987; Bumns
and Graves, 1989; Gordon et al, 1990; Rodrigues et al., 1991; Byers et al., 1997). Burns and
Graves (1989) applied a two-column magnetically stabilized fluidized bed system for the
continuous chromatography of biochemical products. Those authors, however, treated the system
as comprised of two identical columns and no discussion was provided regarding the
transportation of ion-exchange particles between those two columns. In addition, the operation of
the magnetically stabilized fluidized bed system was complicated and costly. Gordon er al.
(1990) reported the continuous affinity recycle extraction (CARE) of proteins using two well-
stirred reactors. This system, although simple and easy to control, has the disadvantage of low
ion exchange efficiency and the requirements of large processing volumes even for a moderate
throughput requirement. Himsley (1993) patented a continuous counter-current ion exchange
process from a feed liquor containing ions which when absorbed caused the density of the
particles to increase. However, this device was designed only for the adsorption. The other
operations of an ion exchange process, i.e., desorption, washing and regeneration were still

carried out in a conventional packed bed process.

To overcome the above problems, an LSCFB system was proposed as an excellent candidate for
the continuous recovery of protein from unclarified whole broth (Chapter 6). In the proposed
LSCFB system, the adsorption and desorption (regeneration) is carried out in the two separated

fluidized beds, the downcomer and the riser, in a continuous mode with the ion-exchange
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particles circulating continuously between the two columns. The introduction of a liquid-solid
circulating fluidized bed opens the possibility of developing an integrated unit operation that
recovers products from the unclarified whole broth directly and continuously. The LSCFB has
the advantages of a conventional fluidized bed, e.g., the applicability to unclarified whole broths
and the low bed pressure drops. Most importantly, it is a continuous operation with simultaneous

adsorption and desorption.

In Chapter 4, the concept of the LSCFB system was introduced and models were developed on
the adsorption and desorption. The isothermal characteristics and the kinetics of BSA adsorption
onto Diaion HPA25 have been reported in Chapter 5 and previous papers (Lan et al., 2000b;
Rowe er al., 1999). The objective of the current work is to study the hydrodynamics of the
system and to investigate the parameters affecting the protein recovery using a model protein,

bovine serum albumin (BSA).

7.2 MATERIALS AND METHODS

7.2.1 Materials

Anion exchanger Diaion HPA25%, purchased from Sigma Chemical Co. (St Louis, MO), were
used for all the hydrodynamic studies and BSA adsorption/desorption studies. The properties of
Diaion HPA25® are listed in Table 1. Bovine serum albumin (BSA), purchased also from Sigma,
was used as model protein in adsorption/desorption experiments. Phosphate buffer of pH 7.0 (10
mM) was used in all the adsorption/desorption studies. Hydrodynamic studies were conducted

using tap water as the fluidization liquid.
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7.2.2 Experimental Apparatus

As shown in Figure 7.1, the major components of the LSCFB system included a riser (1), a
downcomer (8). a liquid-solid separator (2), a top solids return pipe (6), a bottom solids return
pipe (11), a top wash section (5) and a bottom wash section (10). The riser was 3.0 m tall and 38
mm in diameter and the downcomer 2.5 m tall and 120 mm in diameter. Two separate liquid
streams were used to fluidize the particles in the riser and the downcomer while the particles
circulating between the two columns. The riser was operated in the high-velocity circulating
fluidization regime and the downcomer in the low-velocity conventional fluidization regime. To
secure the pressure balance between the riser and the downcomer, which is very important for
the stable operation of an LSCFB system (Zheng and Zhu, 2000), the liquid outlets on the top of
the downcomer and the separator were located at the same level. The distributor for the
downcomer was a tubular ring, which was carefully designed in order to have a uniform liquid

distribution while allowing the solids to flow through.

The distributor for the riser (14) was designed so as to divide the incoming stream into two sub-
streams: the primary and the auxiliary streams. The primary stream entered through a tubing of
1.1 cm in LD. extending 5.1 cm into the riser. The outlet of the primary stream was located
above the solids entrance at the bottom of the riser. This design helped to increase the pressure
drop across the bottom solids return pipe and made the system more stable. The purpose of the
auxiliary stream was to mobilize the particles at the bottom, which were then entrained up the

riser by the combination of the primary and the auxiliary streams.

The solids circulation rate in this apparatus was controlled by a butterfly valve located on the
bottom solids return pipe. This mechanical valve was preferred over the hydraulic valve
described by Zheng et al. (1999, 2000) due to the low density of the Diaion HPA25 anion

exchange particles, which made the operation of a hydraulic valve difficult.
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The solids circulation rate was measured by a device which consisted of a central vertical plate
and two half butterfly valves. The central plate divided the column into two halves and the two
butterfly valves were fixed at the top and the bottom of the two half-sections. By appropriately
flipping over the two valves from one side to the other, particles circulated through the system
could be accumulated in one side of the measuring section for a specific period of time to
calculate the particle circulation rate. The pressure gradient in riser and the downcomer was

measured using pressure manometers.

The dynamic seals between the riser and the downcomer were achieved by maintaining the two
solids return pipes in the moving packed bed regime. The top wash section and the bottom wash
section rinsed the particles before entering the solids return pipes and helped to dilute and

prevent the inter-mixing of the liquids from the riser and the downcomer sections.

7.2.3 Continuous BSA Ion Exchange in the LSCFB System

Continuous bovine serum albumin (BSA) ion exchange in the LSCFB system was conducted
with 2 g/l BSA solution as feed and 0.4 M NaCl solution as extracting buffer unless otherwise
indicated in the text. Both BSA and NaCl solutions were prepared in 10 mM, pH 7.0 phosphate
buffer. Other conditions were indicated in the text. In the continuous BSA ion exchange studies
in the LSCFB, the feed protein solution was introduced from the tubular distributor into the
bottom of the downcomer. The regenerated Diaion HPA25% ion exchange particles were
introduced from the top solids return pipe into the top of the downcomer. The liquid velocity was

controlled in such a way that the downcomer operated in the conventional fluidized regime




(liquid velocity in the downcomer was maintained lower than the terminal velocity of the ion
exchange particles), where the ion exchange particles moved down counter-current to the rising
feed liquid. As the particles and feed broth contacted counter-currently in the downcomer, the
BSA in the broth was adsorbed onto the ion-exchange particles. The de-proteinized solution was
discarded from the top of the downcomer. The loaded particles were then transferred to the
bottom of the riser through the bottom solids return pipe after washing. The extracting buffer
(0.4 M NaCl solution in 10 mM pH 7.0 phosphate buffer) was applied from the bottom of the
riser. The superficial velocity in the riser (U},), which was the combination of the primary and the
auxiliary streams, was kept higher than the terminal velocity of the Diaion HPA25® particles.
The loaded particles were hence carried upward by this buffer stream while desorption
proceeded. In the liquid-solid separator, the regenerated particles and the effluent were separated.
Then, the regenerated particles were returned to the top of the downcomer through the top solids
return pipe. During the process of continuous ion-exchange, samples were taken from different
locations of the columns and the BSA concentration was determined by measuring the

absorbance at 280 nm using a Cary Bio 50 UV-Visible spectrophotometer.

7.2.4 Measurement of Solids Holdup

The solids hold-up in the riser and the downcomer was calculated from the pressure gradients in
the columns. The pressure gradient in the riser or downcomer column was measured by a

manometer as shown in Figure 7.1 and was given as:
AP h
— =(l4— 7.1
- ( Vo8
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Given the fact that the liquid velocities in both the riser ({/;) and the downcomer (Ulz) are very
low (In the range of 10-30 mm/s for U} and less than 2.0 mm/s for Uy), it is realistic to ignore
the pressure drops due to the liquid flow. Therefore, the solids holdup, bed voidage and pressure

gradient could be related as in equation 7.2:

AP
—=(& +& 7.2
Az (g0, 1P

With g + & = 1, one then has the following relationship between the solids holdup and the
pressure gradient:

_p-p) h 73

EI
' ps Az

7.2.5 Measurement of the Maximum Capacity of Diaion HPA25 Anion Exchange Particles

Measurement of the maximum capacity of Diaion HPA25® ion exchange particles was
conducted by putting 10 ml swollen Diaion HPA anion exchange particles into a series of 125-ml
flasks containing 25 ml of 10 mM phosphate buffer (pH 7.0) with various concentrations of
BSA. The flasks were then sealed by parafilm “M” (American Can Company) and put on a
shaker controlled at 25°C and 200 rpm. After adsorption for 36 hours (previous experiments had
shown that equilibrium was reached under this condition), the supernatant was centrifuged at
10,000 rpm for 10 minutes. The protein concentration of the supernatant was analyzed by
measuring the absorbance at 280 nm using a Cary Bio-50 UV-Visible spectrophotometer. The
data was interpreted using the Sctarchard plot based on a modified Langmuir model (Lan et al.,

2000b, Chapter 5).
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7.3 RESULTS AND DISCUSSION

1. The Superficial Liquid Velocity () and the Fluidization in the Downcomer

The liquid velocity in the downcomer (Uy,) is a very important parameter for the LSCFB system
because it has profound influences on the fluidization in the downcomer and the overall
throughput of the system. When Uy, is maintained in a suitable range, the downcomer can be
divided into three zones according to their different solids holdups: the dense phase zone, the
dilute section and the freeboard zone (Figure 7.2). The dense section in the downcomer operates
as a conventional fluidized moving bed (Kwauk, 1992) in which solids move down and liquid
moves up. The axial solids holdup distribution in such a particulate moving fluidized bed is
uniform and the bed expansion can be described by the generalized Richardson and Zaki

equation (Richardson and Zaki, 1954; Kwauk, 1992), i.e.,

Vld +Vx¢l :g;_‘ 74
U,
where Uy and Uy, are the liquid velocity and the solids velocity in the downcomer, respectively;

&4 1s the bed voidage in the downcomer; and the bed expansion index, n, can be determined

experimentally or from the following correlation:

d
n= [4.4 + 18%} Re, ™! 7.5

The dilute section is created when the particles are fed into downcomer through the solids
entrance when the surface of the dense section is lower than the solids entrance. Ion exchange
particles thus fall from the entrance to the dense section surface and this section of bed is the

dilute section. The solids hold-up in this section is determined by the solids circulation rate.
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When G is zero, the solids holdup in this section is zero. Since the stable operating G; is small in
the LSCFB system, the solids holdup in the dilute section is lower than that in the dense section.
Similar to that of most liquid-solid conventional fluidized beds, the solids hold-up in the
freeboard is nearly zero. There is a clear interface between the freeboard and the dilute section.
Under most conditions, there is also a clear interface between the dilute section and the dense
section. When G; is very large and solids holdup of the dense section is low, however, the
interface may disappear because the difference between the solids holdups of those two zones is

not so evident.

The fractions of the dense section, the dilute section and the freeboard are determined mainly by
the values of U, and G; given a constant amount of particles in the system. As shown in Figure
7.3, the dense section height (H;) increased significantly with the liquid velocity in the
downcomer (U,,) and decreased considerably with the increase of the solids circulation rate (Gy).
When the height of the dense section was increased to the location of the solids entrance on the
downcomer, the dilute section will be overlapped by the dense section, under which conditions
the downcomer will have only two zones: the dense section and the freeboard. The freeboard,
however, is an essential component of the downcomer for preventing the loss of ion-exchange
particles. The values of Uj; and G; should therefore be maintained in a range that guarantees a

certain length of the freeboard.

In terms of protein adsorption in the downcomer, the dense section is the most important zone
because most of the ion-exchange particles are in this zone and the protein remaining in the
liquid phase in the dilute section and the freeboard should be very low under a non-breakthrough
adsorption condition. Therefore, the bed height (/) and the solids holdup of the dense section
(&) are important parameters for protein adsorption in the downcomer. Higher and denser dense
section will increase protein adsorption, but a very high solids holdup may cause retention of the

unwanted solids from the feed due to the reduced passage through the bed.
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When the total amount of the ion-exchange particles circulating in the LSCFB is constant, the
dense section height in the downcomer at steady state is dependent mainly on three factors: the
liquid velocities in the riser (U;) and downcomer (Uy), and the solids circulation rate (G;). As
discussed above, Uy directly affects the bed expansion of the particles in the downcomer and
hence the dense section height. On the other hand, U, and G; influence the amount of ion-
exchange particles available for the downcomer dense section when the total particles amount is
constant. The higher the U} and the G, the less the particles available for the downcomer dense

section as more particles are circulating in other parts of the LSCFB system.

7.3.1 The Superficial Liquid Velocity (Uy) and the Solids Hold-up in the Riser

As discussed above, the riser of the LSCFB system operates in the circulating fluidization regime
where particles are carried up by the liquid along the riser and compensated by the continuous
feeding of particles into the base through the bottom solids return pipe. Figure 7.4 shows that the
axial solids holdup distribution of Diaion HPA25 was uniform along the riser. This result was in

agreement with that reported by Liang et al. (1997) and Zheng et al. (1999, 2000).

Figure 7.5 shows the significant effects of the superficial liquid velocity (U) and the solids
circulation rate (G;) on the solids holdup in the riser (&,). It is clear that at a given Uj,, &
increased with the increase of G;. On the other hand, for a particular G;, &, decreased with the
increase of U,. Worth mentioning is that for a specific G; value, the U, must be maintained
above a critical value. In other words, if U, is lower than the critical value, the specified G; is
unachievable. This is shown in Figure 7.5 as the low solids circulation region. The conventional

fluidization region shown in Figure 7.5 was the region where U}, was so low that G; = 0. That is,
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no solids circulation was observed in this region and, by definition, the riser operated in the

conventional fluidization regime.

7.3.2 Regeneration of Diaion HPA25® in the LSCFB System

The regeneration of the ion exchange particles in the LSCFB system was carried out in the riser.
The extent of regeneration is a very important parameter for the stable operation of the system.
Maximum capacity of regenerated ion exchange particles, as an indication of the extent of the
regeneration, is one of the key factors that influence the dynamic adsorption capacity of the
system. To measure the extent of regeneration, samples of regenerated ion exchange particles
were taken from the liquid-solids separator and the maximum BSA adsorption capacities of those
regenerated particle samples (g.’) were measured. Figure 7.6 shows the time profile of the
maximum capacity of the regenerated ion exchange particles for the first run with fresh Diaion
HPA2S5 anion exchange particles. In the initial stage, the normalized maximum capacity of the
regenerated ion exchange particles (g 7gn) Was approximately 1.0. This was due to the fact that
the particles carried up into the separator in the initial stage were only the fresh ion exchange
particles initially packed in the bottom solids return pipe. Those particles did not contact with the
feed before they were transported to the riser. In the developing stage, however, the regeneration
rate decreased with time, indicating that a part of the adsorption capacity was lost due to fouling
and the incomplete regeneration. However, the normalized maximum capacity was stabilized in

the steady state stage at around 0.75.

It is interesting to find that, after 5 consecutive runs with a total treatment volume of about 900 L
feed (representing a feed/particle ratio of 300 L/kg or 138.5 L/L), the g, of the regenerated ion
exchange particles was still at approximately 62 mg/ml, representing a stabilized q,,7 g,, value of
around 0.7. This result indicates that although the BSA adsorption capacity of the fresh Diaion

HPA25 anion exchange particles was decreased by almost 30% in the first run, likely due to
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fouling and incomplete regeneration, a steady state of regeneration was achieved so that the
maximum protein adsorption capacity of the regenerated particles remained stable thereafter.
This is very important for the stable operation of the system. It is still possible, however, when
the system is applied for a long period of continuous operation, that the protein adsorption
capacity may reduce further to a significant point that a thorough regeneration of the particles

with stronger conditions becomes necessary.

7.3.3 Dynamic Adsorption Capacity of the System (D)
Protein loading rate is the amount of protein loaded onto the LSCFB system in a unit time. It can
be calculated as follows:

L=04sCo=A4UCo 7.6
where Oy is the flowrate of feed and A, the cross-sectional area of the downcomer. For a
particular LSCFB system A4y is a constant so that L is proportional to Uy, and C,. Higher protein
loading rate will increase the system throughput. However, protein loss through the raffinate will

occur when the protein loading rate is higher than what the system can handle.

A dynamic adsorption capacity of the LSCFB system (D) is defined as the amount of proteins
adsorbed onto the ion exchangers in the downcomer under the maximum allowable protein
loading rate. The maximum allowable protein loading rate is defined here as the maximum
protein loading rate for given operating conditions beyond which significant leakage of protein
will happen. The dynamic adsorption capacity of an LSCFB system is determined by four major
factors: the maximum BSA adsorption capacity of the regenerated ion exchange particles (g9,

the solids circulation rate (G;), the fluidization and backmixing in the downcomer, and the
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adsorption equilibrium in the downcomer, particularly in the dense section. The dynamic

adsorption capacity of the downcomer could thus be calculated as follows:

xG, 4,4,
D=l o —(0,Cuane =(LONCo ~Cotpu 77

Py
where 4, is the cross-sectional area of the riser and « is a lumped correction factor determined by
the fluidization, the backmixing and the adsorption equilibrium in the dense section particulate
bed in the downcomer. x equals unity if there is no backmixing (plug flow) for both liquid and
solids in the dense section, and if the mass transfer is very fast so that the adsorption equilibrium
is achieved instantly. Otherwise, k is a constant less than 1. In addition, p,, &ns and A, are all
constant for a given LSCFB system. Therefore, the dynamic adsorption capacity of an LSCFB is

proportional to Gs and g, The subscript "max" indicating the conditions of maximum allowable

loading rate.

The dynamic adsorption capacity of an LSCFB system represents the upper limit of the protein
loading rate of a particular system. In other words, if the actual protein loading rate is larger than
the dynamic adsorption capacity of the system, the ion exchange particulate bed in the

downcomer will be “broken through” and significant amount of proteins will leak into the

raffinate.

A unique feature of the LSCFB system is that it is suitable for the adsorption using ion exchange
particles with relatively low adsorption capacity. Because loaded ion exchange particles are
continuously regenerated in this system, the low capacity of ion exchange particles can be

compensated to a certain extent. As discussed above, the dynamic adsorption capacity of the
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system is determined by the g, G, and the fluidization in the dense section. Therefore, with
good fluidization and a relatively large G., a reasonably large magnitude of dynamic adsorption
capacity of the LSCFB system can be achieved even for ion exchange particles with relatively

low adsorption capacity.

7.3.4 Influence of Operating Conditions on BSA Adsorption Ratie in the Downcomer
The protein adsorption ratio in the downcomer, Xj, is determined by the following equation:

(Coa - Crzl )
Cw

X, = 7.8

where Cos and C.z are the protein concentrations in the feed and the raffinate, respectively.

G; is a very important parameter which influences the protein adsorption in the downcomer. The
experimental results of BSA adsorption in the downcomer under conditions of Coy =2 g/L, Uy =
0.6 mm/s, U, = 11.3 mm/s and various G, are shown in Figure 7.7. It was clear that G, had
significant effects on the BSA adsorption. At a high G, of 1.42 kg/m?s, almost all BSA in the
feed (98%) was removed. When G, was reduced to 1.06 kymzs, however, only about 70% of the

BSA was removed, indicating significant loss of protein.

The remarkable influence of G; on the protein adsorption in the downcomer can be illustrated by
its effects on the dynamic adsorption capacity of the system. As discussed above, the dynamic
adsorption capacity of an LSCFB system is proportional to G;. The system thus has a remarkably
higher dynamic capacity at G, = 1.42 kg/m’s than that at G, = 1.06 kg/m’s. In other words, the

results indicate that the actual protein loading rate at the tested condition (Uyy = 0.6 mm/s and Cy




= 2 g/L) was higher than the dynamic adsorption capacity (the maximum allowable protein
loading rate) of the system at the conditions of G; = 1.06 kg/m%s and Uy = 0.6 mm/s so that a

significant protein loss happened under those conditions.

The influence of the liquid velocity in the downcomer (U;,) on the BSA adsorption is shown in
Figures 8a and 8b. The experiments were carried out under conditions of Cogs =2 g/L, Uy, = 11.3
mm/s, G; = 1.42 kg/rnzs and various Uy. The height of the dense section in the downcomer was
carefully maintained at 0.8 m by controlling the amount of Diaion HPA25 particles in the
system. When Uy, increased from 0.6 mm/s to 1.0 mm/s, the protein concentration in the raffinate
increased remarkably from 0.04 g/L to 0.42 g/L (Figure 7.8a) and the adsorption ratio in the
downcomer decreased accordingly from 98% to 79% (Figure 7.8b), indicating that a significant
protein leakage happened at conditions Ui = 10 mm/s. The influence of U on the protein
adsorption in the downcomer has two aspects: 1) It directly influences the protein loading rate.
The protein loading rate increases proportionally with the increase of U 2) It affects the
fluidization and backmixing of ion exchange particles in the dense section, which in tum
influence the dynamic adsorption capacity of the system. The influence of Uy, on the dynamic
adsorption capacity is somewhat a complicated issue. While the increase of Uy increases the bed
height of the dense section, which is beneficial for a higher dynamic adsorption capacity, it also

increases backmixing, which tends to reduce the dynamic adsorption capacity.

7.3.5 Effects of Operating Conditions on BSA Desorption Ratio in the Riser and the Overall

BSA Recovery

The protein desorption ratio in the riser is defined by the following equation:




X, = (9o, —90,) 7.9
qf)r

where g, and g., are protein concentrations in the solid phase at the solids entrance of the riser
and in the separator. respectively. However, qo, and g., are usually difficult to measure. It is
much more convenient to obtain the protein desorption ratio in the riser by the following

equation:

X, =— 7.10

where X is the overall protein recovery of the LSCFB system and X, the protein adsorption ratio
in the downcomer. The overall protein recovery is the ratio between the protein output flux in the
extract and the input flux (the loading rate) in the feed. It can be calculated by the following

equation:

x = &Ce 7.11

where O, and O, are the liquid flowrates in the riser and the downcomer, respectively. C,, is the

protein concentration in the extract and Cy, the protein concentration in the feed.

The effects of U, on the adsorption in the riser were investigated under Co; = 2 g/L, Uiz = 0.6
mm/s, Gs = 1.24 kg/m®s and various Uj,. The results are shown in Figures 9a and 9b. When other
conditions such as the solids circulation rate and protein concentration in the entering particles
were constant, the protein concentration in the extract decreased significantly with the increase
of the superficial liquid velocity in the riser (Figure 7.9a). This is because at higher U}, the same
amount of protein recovered was diluted by more extract buffer. As shown in Figure 7.9b,

however, the increase of U, resulted in an increase of the overall recovery rate.
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7.3.6 The Stable Operation Window: Hydrodynamic Aspect

For a continuous system, one of the keys is how to achieve and maintain a stable and steady-state
operation. There are two aspects of the stable operation of the LSCFB system: hydrodynamic
stability and kinetic stability. The achievement and maintenance of hydrodynamic steady state is
the prerequisite for the kinetic steady state. The hydrodynamic stable operating window for our
particular system with respect to operating conditions Uy, U, and G; is shown in F igure 7.6.
Although the hydrodynamic stable operating window is very system-dependent, some

generalized principles exist and are be discussed as follows.

7.3.7 Superficial Liquid velocity in the downcomer W)

Superficial Liquid velocity in the downcomer (U) is one of the most important operation
conditions affecting the stability of the system. The influence of Ula includes the following two
aspects: (1) the fluidization in the dense phase section; and (2) the passage of particulates in the
feed through the ion exchange beads bed. Therefore, the liquid velocity in the downcomer should
be large enough to fluidize the ion exchange bed to provide enough voidage for the pass of the
particulates in the feed. If U, is lower than the above limit, particulates in the broth will be

retained in the bed and the whole column will eventually be blocked.

On the other hand, the liquid velocity in the downcomer should not be larger than the terminal
velocity of the ion exchanger particies to allow the particles to fall down in the downcomer.
Furthermore, to prevent the lose of ion exchange particles, Uy, should be in such as magnitude

that a section of freeboard is maintained in the downcomer. In this particular LSCFB system with
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its downcomer dimension, ion exchange beads (Diaion HPA25 anion exchanger) and the bead
amount (3.0 kg), the maximum Uy was determined to be 0.9 mm/s, representing a maximum

flowrate (feed plus bottom wash water) of 36.5 L/hr.

7.3.8 Superficial liquid velocity in the riser (U;)

Superficial liquid velocity in the riser (U,) is another important operation condition with
significant influence on the stability of the system. The U, must be higher than the terminal
velocity of ion exchange beads to operate the riser in the circulating fluidization regime. The

terminal velocity of Diaion HPA2S beads was determined as 4.5 mm/s or 18.5 L/hr in flowrate.

Too large a Uy, however, will destabilize the system due to the accumulation of ion exchange
particles in the liquid-solid separate. When the liquid velocity in the riser is close or higher than
terminal velocity of the particles, the particles cannot be transferred into the downcomer. The

maximum U}, for this system was determined to be 29.3 mm/s or 119.4 L/hr.

7.3.9 Solids Circulating Rate (G,)

Solids Circulating Rate (G;) is, as discussed previously, an important parameter contributing to
the dynamic adsorption capacity of the system, the higher the G, the larger the dynamic
adsorption capacity of the system. G; is also a very important parameter for the maintenance of
the dynamic seal berween the riser and the downcomer. As discussed previously, the dynamic
seal between the riser and the downcomer is maintained by keeping the solids return pipes in the
packed moving bed regime. At steady state, the amount of particles transferred into the solids

return pipe from the downcomer, which is determined by the downward solids flux in the
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downcomer, equals the particles transferred to the riser, which is determined by the upward
solids flux in the riser. If, under given conditions, the upward solids flux represented by G; in the
riser is larger than the maximum possible downward solids flux in the downcomer, the solids
holdup in the bottom solids return pipe will be reduced to make up the balance. If this condition
continues, the solids holdup in the solids return pipe will eventually become so low that the

dynamic seal cannot be maintained.

As shown in Figure 7.6, the maximum G; is dependent on Uy and Uj,. At the low Uj, range, the
maximum upward solids flux in the riser is less than the maximum downward solids flux in the
downcomer. Therefore, the maximum G; is determined by the solids entraining capacity of the
liquid. On the other hand, at high Uj, range, the maximum downward solids flux is less than the
maximum solids flux in the riser, hence the maximum G is determined by the solids flux in the

downcomer, which is dependent on the Up,.

7.3.10 Removal of Contaminants from Product Streams

Results from this study as discussed above have shown that the LSCFB system is a good device
for continuous protein recovery. In addition, because of the unique features associated with the
LSCFB (high adsorption efficiency, applicability to unclarified streams, etc.), it is also suitable
for the removal of contaminant ions from substrate, product or intermediate product streams. For
instance, with the use of appropriate ion-exchange particles, the LSCFB system will be very
efficient for the de-ionization of water and for the removal of colored bodies from fructose
syrups. This system will be particularly beneficial for the selective removal of low concentration

contaminants from raw substrate. For example, for the fermentation of citric acid using molasses




as sugar source, it is necessary to remove the ironic ions from molasses to channel the
metabolism stream into the biosynthesis of citric acid. As molasses is a raw material containing
particulates which are harmless to the fermentation process but hard to separate, it will be very

advantageous to employ the LSCFB system under this situation.

7.4 CONCLUSIONS
An LSCFB system has for the first time been developed and demonstrated successfully for
continuous protein extraction. Hydrodynamic studies show that the device was stable and
suitable for continuous protein recovery. It is found that the downcomer could be divided into
three zones according to the solids holdup: the dense section, the dilute section and the
freeboard. The dense section is the most important zone for protein adsorption and the freeboard
is an essential component for preventing the loss of ion exchange particles. Continuous BSA
adsorption and desorption and regeneration of ion exchange particles in the system are studied
with respects to the influence of different operating conditions. Important parameters such as
protein loading rate, dynamic adsorption capacity, protein adsorption and desorption ratios, and
overall protein recovery are defined and discussed. Results regarding the continuous BSA
recovery using this system show a high protein removal efficiency of up to 98% and a moderate
overall protein recovery of up to 84%. Results indicate that this system is promising for both

protein recovery and the removal of contaminants from products or intermediate-products.
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NOMENCLATURE
cross-sectional area of a column, m’
concentration of BSA in the liquid phase, g/L or kg/m’
particle mean diameter, m
dynamic adsorption capacity of the LSCFB system, g BSA/sor g BSA/h
solids circulation rate, kg/mzs
riser height, m
dense section height in the downcomer, m
protein loading rate, g/s or kg/s
flowrate of liquid in a column, m*/s or L/min
concentration of protein in solids phase, g/L or kg/m’
maximum BSA adsorption capacity of the ion exchange particles, g/L or kg/m’
maximum BSA adsorption capacity of the regenerated ion exchange particles, g/L or
kg/m’
Regeneration rate of ion exchange particles, dimensionless
time, s
superficial liquid velocity, mm/s
minimal fluidization velocity, mm/s
superficial solids velocity, mm/s
particle terminal velocity, mm/s
liquid velocity (mm/s)
solids velocity (mm/s)

overall protein recovery




Xa protein adsorption ratio in the downcomer
X, protein desorption ratio in the riser

z distance from the bottom of a column, m
Greek Letters

& bed voidage, dimensionless

& solids holdup, dimensionless

P density, kg/m’

K equation constant, dimensionless
Subscripts

d downcomer

e exit

/ liquid phase
r riser
s solids phase

max  conditions under maximum loading rate

0 inlet (initial)
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Table 7.1 Properties of Diaion HPA25®Ion Exchange Particles

Matrix Polystyrene (highly porous)
Functional Group Quatemary Alkylamine
Ionic Form cr'

Average Diameter (d,, mm}) 0.32

Wet Density (g, g/mL) 1.08

Total Exchange Capacity (CI', meq/mL) 0.6

Exclusive Size (dalton) >100,000

Terminal Velocity (U, mm/s) 45

Bed Expansion Index (n) 2.67

BSA Adsorption Capacity (¢q, kg/m?) 87.9




Table 7.2 Parameters for the Continuous BSA Recovery in the LSCFB System under Typical

Operating Conditions

Flowrate of the Extracting Buffer (Q,, L/min) 0.3
Flowrate of the Feed (Oy, L/min) 0.64
Superficial Liquid Velocity in the Riser (U, mm/s) 11.3
Superficial Liquid Velocity in the Downcomer (U, mm/s) 0.6
Solids Circulation Rate (G,, kg/m’s) 1.42
BSA concentration in the Feed (Cy, g/L) 2
Height of the Riser Column (#,, m) 3
Height of the Dense Section in the Downcomer (H,, m) 0.8
Solids Holdup in the Riser (&) 0.035
Solids Holdup in the Downcomer (&) 0.34
Diaion HPA2S5 Regeneration Ratio (R, %) 0.734
BSA Desorption Ratio in the Riser (X;) 0.86
BSA Adsorption Ratio in the Downcomer (X,) 0.98
Overall BSA Recovery (X) 0.84
BSA Concentration at the Extract Outlet (C,,, g/L) 0.79
BSA Concentration at the Raffinate Outlet (C., g/L) 0.04

Note: Results shown are the average of three parallel experiments.
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Figure 7.1 Schematic diagram of the liquid-solid circulating fiuidized bed (LSCFB) ion
exchange system.
1. Riser, 2. Liquid-Solids separator, 3. Extract outlet, 4. Raffinate outlet, 5.
Top washing section, 6. Top solids return pipe, 7. Solids circulating rate
measuring device, 8. Downcomer, 8. Distributor of the downcomer, 10.
Bottom washing section, 11. Bottom solids return pipe, 12. The primary
stream in the riser distributor, 13. The auxiliary stream in the riser distributor,
14. Liquid distributor of the riser, 15. Butterfly vaive, 16. Pressure
manometer.
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Figure 7.2.Schematic illustration of the three sections in the downcomer of an LSCFB
system : (a) Freeboard Zone; (b) Dilute section; and (c) Dense Section.
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Figure 7.3.Dependency of the downcomer dense section height on the liquid velocity
(Uw) in the downcomer and the solids circulation rate (G;), with a total of 3.0
kg Diaion HPA25 anion exchange particles.
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Figure 7.4 Axial distribution of the solids holdup in the riser (Uy- 0.6 mm/s).
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Figure 7.5 Influences of the superficial liquid velocity in the riser (U,) and the solids
circulation rate (Gs) on the solids holdup in the riser (&) (U= 0.6 mm/s).
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Figure 7.6 The characteristics of Diaion HPA25 regeneration in the riser (U= 0.6 mm/s,
Ur=11.3 mm/s, Gs= 1.24 kg/m*s, Hy=0.8m, Cog=2 g/L)
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Figure 7.7 The effects of solids circulation rate on the characteristics of BSA adsorption

in the downcomer (Uig= 0.6 mmi/s, U= 11.3 mm/s, Hy= 0.8 m Cog= 2 g/L).
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Figure 7.8 The effects of superficial liquid velocity (Ug) on the characteristics of BSA
adsorption onto Diaion HPA25 anion exchange particles in the downcomer
(Ur=11.3 mis, Gs= 1.24 kgim®s, Hy= 0.8 m, Cos = 2 g/L). (a) BSA
concentration profiles. (b) BSA adsorption ratio profiles.
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Figure 7.9 The effects of superficial liquid velocity (Uy) on the characteristics of BSA
desorption from Diaion HPA25 anion exchange particles in the riser (Uiy= 0.6
m/s, Gs- 1.24 kg/m®s, Hy = 0.8 m, Cog = 2 g/L). (a) BSA concentration
profiles; (b) BSA desorption ratio profiles.
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Figure 7.10 Hydrodynamic stable operation window of the LSCFB system with 3 kg

Diaion HPA25 ion exchange particles. The fluidization liquid in the riser was
0.4 M NaCl buffer and in the downcomer tap water.
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Chapter 8 Recovery of Proteins from Cheese Whey Using a
Continuous Liquid-Solid Circulating Fluidized Bed Ion-exchange
System

8.1 INTRODUCTION

Whey is the fluid portion of milk drained from the curd in cheese manufacturing. Typically,
whey contains 7% solids. These solids consist of about 5-5.5% lactose, 0.04-0.2% milkfat, 0.7-
0.9% protein and other nitrogenous matter, and 0.5% ash. Therefore, whey has a high biological
oxygen demand (BOD) of 40,000-60,000 mg/L and 5 1b of whey would cause pollution equal to
that of the waste from an average individual in one day. A cheese plant discarding 100,000 Ib
whey a day would require sewage disposal facilities the size of a town of 20,000 people (Johnson
and Peterson, 1978). This is a significant environmental burden for the cheese manufacturing
industry. On the other hand, the components of cheese whey can be exploited for beneficial uses
as food additives, animal feed, healthy food and functional proteins (Etzel, 1995; Johnson and

Peterson, 1978).

Ion-exchange has been used for the last two decades for the commercial production of whey
protein isolate (WPI), which has exceptional functional properties and nutritional value (Burgess
and Kelly, 1979; Huffman, 1996). However, since protein concentration in whey is fairly low,

large volume of whey must be treated to recover proteins in an industrial scale. Therefore, the

A version of this chapter has been submitted for publication.

Qingdao Lan, Amarjeet Bassi*, Jing-Xu (Jesse) Zhu, Argyrios Margaritis (2001). “Recovery of
Proteins from Cheese Whey Using a Continuous Liquid-Solid Circulating Fluidized Bed Ion-
exchange System”. Biotech. Bioeng. (submitted)
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cost of the ion-exchange contributes significantly to the overall cost of the production of WPI,
which at present can not compete with alternative proteins such as egg protein and soybean
protein. Therefore, development of a highly efficient ion exchange process for whey protein

purification is of genuine commercial interests.

In our previous studies (Chapters 6 and 7), a liquid-solid circulating fluidized bed continuous
ion-exchange system (LSCFB) has been constructed and tested for the continuous recovery of
bovine serum albumin (BSA) from synthetic protein solutions. An LSCFB system was basically
a liquid-solid circulating fluidized bed equipped with ion-exchange beads. Its major components
are a riser, a downcomer, a liquid-solid separator, two solids return pipes and two washing
sections. The adsorption and desorption (regeneration) are carried out in the downcomer and the
riser, simultaneously, in a continuous mode with the ion-exchange particles circulating
continuously between the two columns. The feed is introduced into the downcomer and the
extracting buffer into the riser. The riser operates in the circulating fluidization regime (Zheng et

al., 1999) and the downcomer operates as a fluidized moving bed (Kwauk, 1992).

The development of LSCFB system opens the possibility of developing a cost competitive ion-
exchange process for the production of WPL In this chapter. the application of LSCFB ion

exchange extractor for continuous whey protein recovery is reported.
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8.2 MATERIAL AND METHODS

8.2.1 Materials

Reconstituted cheese whey was prepared by dissolving whey powder (Sigma Co., St Louis,
MO) into distilled water at appropriate concentration (1-7% w/v) before use. All the
reconstituted whey solutions were brought to pH 6.0 by adjusting with 1 M HCI and NaCl
solutions. Diaion HPA25 anion-exchange particles, purchased from Sigma Co. (St Louis, MO)
were used as the adsorbents. The extracting buffer used for desorption of proteins in the riser was

0.4 M NaCl solution.

8.2.2 Analytical Methods

Total protein concentrations in liquid were measured by Bradford method using USA as
standard protein (Dryer and Lata, 1989) and protein concentration in ion-exchangers were
calculated by mass balance. The ionic strength in the reconstituted whey solution was analyzed
by measuring the conductance of the solutions using a YSI Model 35 Conductance Meter
(Yellow Spring Instrument Co., Inc., Ohio, USA). The ionic strength of a solution was expressed
as the NaCl equivalent (mM) and obtained by checking a linear [NaCl]-conductance calibration
curve. The optical density of a liquid stream was measured at appropriate wavelength using a
Cary 50 UV-Visible Spectrophotometer (Varian Australia Pty Ltd., Mulgrave, Victoria 3170,

Australia).

8.2.3 Continuous Protein Recovery from Whey Using the LSCFB System

The LSCFB system was as described in earlier studies (Lan ef al., 2000a, Chapters 5, 6, and
7). As shown in Figure 8.1, the major components of the LSCFB system included a riser (1), a

downcomer (6), a liquid-solid separator (2), a top solids return pipe (4), a bottom solids return
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pipe (9), a top washing section (3) and a bottom wash section (8). The riser was 3.0 m tall and 38
mm in diameter and the downcomer 2.5 m tall and 120 mm in diameter. Continuous whey
protein recovery in the LSCFB system was conducted with the downcomer used for adsorption

and the riser for desorption.

In the continuous protein recovery studies, the feed whey solution was introduced through the
distributor into the bottom of the downcomer and the regenerated Diaion HPA25® ion-exchange
particles through the top solids return pipe into the downcomer. The liquid velocity of the
downcomer (U, which was the combination of the feed and the bottom wash water, was
controlled in such a way that the downcomer operated in the conventional fluidized regime,
where the ion-exchange beads moved down countercurrent to the rising feed liquid. The de-

proteinized solution was discarded from the raffinate exit at the top of the downcomer.

As discussed above, in the process of protein recovery, two liquid streams of different
properties, i.e., whey solution of low ionic strength and high concentration of contaminants and
the pure extracting buffer of high ionic strength, were involved in the downcomer and the riser
separately. Therefore, a dynamic seal between the two columns aimed at prevent the mixing of
the two liquid streams while allowing a stable circulation of ion-exchange solids was of crucial
importance. This dynamic seal was achieved by maintaining the ion-exchange beads in the solids
return pipes the packed bed regime. In such a situation, the operations in the riser and the
downcomer are independent from each other except the circulation of solids in between those

two columns through the liquid-solids separator and the solids returning pipes.

Since the whey contained contaminants such as milk fat drops, lactose, non-protein nitrogen,
minerals and some particulates resulted from the denaturization and aggregation of proteins and
other chemicals, a complete rinse of the loaded beads was definitely necessary for preventing

those contaminants from polluting the effluent, which should be pure protein solution. Therefore,
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the loaded beads were introduced into the bottom washing section before being transferred into

the bottom of riser through the bottom solids return pipe.

The extracting buffer was applied from the bottom of the riser and were divided into two
streams: the primary and the ancillary streams. The function of the ancillary stream was to stir up
the ion-exchange beads at the bottom of the riser while most of the extracting buffer was injected
into the riser as the primary stream at a point higher than the solids entrance at the bottom of the
riser. This structure of the riser distributor maximized the pressure drop across the bottom solids
return pipe and was beneficial for the stabilization of the system. The superficial liquid velocity
in the riser (U}), which was the combination of the primary and the auxiliary streams, was kept
higher than the terminal velocity of the Diaion HPA25® particles. The loaded particles were
carried upward by this buffer stream while desorption proceeded. The ion-exchange beads were
regenerated with the process of desorption and the regenerated beads were separated from the

effluent in the liquid-solids separator.

8.3 RESULTS AND DISCUSSION
8.3.1 Washing Conditions

In the continuous protein recovery from cheese whey, complete washing is necessary before
transferring the regenerated ion-exchange beads from the separator to the downcomer to get rid
of the salt adsorbed onto the ion-exchangers. It is also crucial to clean the loaded ion exchange
particles before they were transferred into the riser to prevent the pollution of the effluent by the
contaminants in the feed. As discussed in Chapter 3, under the dynamic seal conditions, the
regenerated and the loaded ion exchange particles were rinsed in the top and bottom washing

sections, respectively.
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The effectiveness of the bottom washing section at different wash water flowrate was studied
under the following conditions: Fj.y = 5.7 L/hr, Fype, = 30 L/hr, F,,= 1.8 L/hrand G, = 1.42
kg/mzs. The feed in the downcomer was the whole reconstituted whey (7% whey powder
solution) and the extracting buffer 0.4 M NaCl at pH 7. The efficiency of the bottom washing
section was measured as the ODggp values of effluents at different washing flowrates. As shown
in Figure 8.2, F\,; had a strong influence on the efficiency of washing, especially at the low F,,;
range. When the flowrate of wash water of the bottom washing section (F,,;) was zero, ODgqo

value was 1.81. However, when F,,; increased to 2.1 L/hr, ODggo decreased to 0.

[t is worthwhile to note that since the I.D. of the washing section was very small, even a mediate
Flp may result in a large liquid velocity in this section. For example, at £, = 2.1 L/hr, the liquid
velocity in the washing section (I.D. 36 mm) was 0.573 mm/s, higher than that in the
downcomer. If the liquid velocity in the washing section is too large (close to the terminal
velocity of the loaded ion-exchange beads), the passage of beads through the washing section
will be slowed down and not enough beads can be transferred into the bottom solids return pipe
and the riser. Obviously, stabilization cannot possibly be achieved under such a condition. In
addition, increase of F,,; results in the increase of Uy, which might influence the fluidization in
the column and decrease the dynamic adsorption capacity of the system. Keep this in mind, Fs
should be maintained as the least possible value at which a thorough cleansing of the loaded

beads is achieved. Therefore, F,; was maintained as 2.1 L/hr in the following experiments.

The efficiency of the top washing section was determined by measuring the conductivity of the
raffinate. Experiments were conducted under the following conditions: Fjeeq = 5.7 L/hr, Fpuper =
30 L/hr, F,5 = 2.1 L/hr and G, = 1.42 kg/m’s. The extracting buffer was 0.4 M NaCl. As shown

in Figure 8.3, the conductance of raffinate at F,, = 0 was 3.6x10” Q. However, when F,,, was




increased to 1.8 L/hr, the conductance of raffinate decreased to 6.8x10™ Q. It was very close to
the conductance of the control (6.1x10). The control was the raffinate sample when the
extracting buffer was replaced by water at F,,, = 0 L/hr and F,» = 2.1 L/hr with all the other
conditions same as above. This result indicates that the rinsing effects of the top washing section
was sufficient. Similar to that of F\,, there are some undesirable effects associated with a large
F., which include the destablization of the system and the dilution of the effluent. Therefore, F,,,

was maintained as 1.8 L/hr in following experiments.

8.3.2 Typical Operation of Continuous Protein Recovery from Reconstituted Whey

Solution

The results of a typical operation of whey protein recovery from the quarter-diluted reconstituted
whey (1.75%) in the LSCFB system is shown in Figures 8.4 and 8.5. The operating conditions
were as follows: Fy,gp, = 30 L/hr, Fiy = 1.8 L/hr, Fyp = 2.1 L/hr, Fpeq= 11.4 L/hr, Hy = 0.96 m,
Co=1.38 g/L (Cy' =125 g/L) and G; = 1.42 kg/m’s. The extracting buffer was 0.4 M NaCl and
the total amount of Diaion HPA25 was 3 kg. Figure 8.4 shows the protein concentration profiles
at different locations on the downcomer, that was, z;= 0.25 m, z; = 0.75 m and z; = 2.5 m (the
raffinate exit). According to their protein concentration profiles, protein adsorption at all the
three locations could be divided into three stages: the initial stage, the developing stage and the
steady state stage. In the initial stage, the protein concentration was zero, indicating that the ion-
exchange beads in that layer was in the non-exchange zone and no protein adsorption occurred.
The protein concentration in the developing stage increased with time. As time went on, the
protein adsorption in a particular location reached steady state and the protein concentration at

that location did not change with time anymore.
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As shown in Figure 8.4, the protein concentration in liquid phase decreased with bed height in
the downcomer. The protein concentration was 0.62 g/L at z; = 0.25 and 0.41 g/L at z; = 0.75,
both much higher than zero but significantly lower than Cy’ This result indicates that the ion-
exchange beads in both the locations were in the exchange zone. Therefore, the exchange zone
was at least 0.5 m in height (the distance between those two sampling points) under those
conditions. The protein concentration in the raffinate at steady state was 0.11 g/L. Considering
the effects of backmixing, it is reasonable to consider that there was no significant breakthrough
in such a set of conditions. As discussed above, the large height of the exchange zone can be

explained by the backmixing and the slow kinetics of protein adsorption.

It is worthwhile to point out that the time duration of the initial and the developing stage of the
protein adsorption in the downcomer were subject to the protein loading rate and the liquid
velocity in the downcomer. With large protein loading rate and Uy, the time duration of those

stages were remarkably shorter than that with small ones.

Figure 8.5 shows the protein concentration profiles in the riser under the above conditions.
Samples were taken from three locations: z, = 0.25 m, z, = 1.5 m, and z, = 3 m (the effluent).
Similarly, the desorption in the riser can also be divided into three stages: the initial stage in
which the protein concentration in the liquid phase was zero, the developing stage in which the
protein concentration in liquid phase increased with time, and the steady state stage in which the
protein concentration in the liquid phase did not change with time. Nevertheless, the reasons for
the existence of those three stages are totally different from that for the adsorption in the
downcomer. In the initial stage, the ion-exchange beads transferred into the riser were those
originally stored in the bottom solid return pipe and thus did not contact with the feed. Therefore,
no protein was adsorbed onto those beads. In the developing stage, the ion-exchange beads

transferred into the riser were those beads originally at the very bottom of the downcomer and
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had only been exposed shortly to feed and the protein concentration in those beads was low.
However, protein concentration in the beads transferred into the riser increased with time and so
did the protein concentration in liquid phase since the beads coming later were exposed longer to
the feed. Finally, the adsorption in the downcomer reached steady state and the protein
concentration in the beads at its bottom remained constant. When those beads were transferred

into the riser, the steady state in the riser was also established.

As shown in Figure 8.5, C, increased with bed height. However, at A, = 0.25 m, C, at steady
state was 0.41 g/L, only slightly lower than that in the effluent (0.47). Obviously, most of the
protein was desorbed from the loaded ion-exchange beads in the bottom of riser. This was
reasonable because the rate of desorption is fast. In addition, the large liquid velocity in the riser
further increased the mass transfer and thus the desorption process. Although data show most of
the protein was desorbed from the loaded beads in the section of riser of lower than 0.25 m, the

remaining bed height was still essential for bead transfer and thorough regeneration.

8.3.3 Effects of Operating Conditions on Protein Recovery in the LSCFB System
Experiments of continuous whey protein recovery from reconstituted whey solutions were

conducted at following conditions: Fiup- = 30 L/br, F,, = 1.8 L/hr, Fyp = 2.1 L/hr, Frea = 11.4

L/hr, and G; = 1.42 kg/mzs. Two different Fg.y and three different dilution ratios were

investigated.

1. The influence of dilution ratio

The influence of dilution ratio has been tested for three different dilution ratios at two different
Feq values in the experiments (Table 8.1). Obviously, at the same feed flowrate, a high dilution

ratio favored the adsorption in the downcomer. When Fjp., was maintained at 5.7 L/hr, for




186

example, the overall protein recovery increased from 78.4% to 89.9% when the dilution ratio
increased from 1 (the whole whey) to 4 (quarter-diluted whey). This effect was more dramatic
when the feed flowrate was kept at 11.4 L/hr under which the overall recovery increased from
39.3% to 79.7% when the dilution ratio increased from 1 to 4. The protein concentration in the

effluent, however, decreased with the increase of dilution ratio at both feed flowrates.

The influence of dilution ratio on the adsorption in the downcomer can be analyzed from two
aspects: the protein loading rate and the dynamic adsorption capacity of the system. When the
dilution ratio increased, the ionic strength decreased accordingly (Figure 7.6). As a result, the
maximum adsorption capacity of regenerated ion-exchange beads (g,) increased (Lan et al.,
2000b, Chapter 5). When other conditions such as G, and Uy, remained the same, the dynamic
adsorption capacity of the system increased as described by Equation 7.7. More significantly, the
increase of dilution ratio resulted in the remarkable decrease of protein concentration in the feed
and thus the protein loading rate when the feed rate was not changed. Therefore, the increase of
dilution ratio had two different effects: increase of dynamic adsorption capacity of the system
and decrease of the protein loading rate. Both of them were favorable for a complete adsorption

in the downcomer.

While larger dilution ratio was beneficial for adsorption and increased the overall recovery, it
also resulted in lower protein concentration in the effluent, increased the volume of raffinate, and
reduced the throughput of the system. For this particular system at Fp.qs = 5.7 L/hr, the recovery
of total protein from whole whey was 78.4%, lower than that from the quarter-diluted whey
(89.9%). However, the throughput of the first condition was more than 3 times of that under the
latter condition and the volume of raffinate generated was one quarter of the latter. In addition,
the volume of effluent to be treated in the following operations for the recovery of the same

amount of whey proteins would be 3 times more with the quarter-diluted whey than with the
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whole whey. Considering the fact that the huge amount of whey needs to be treated nowadays, it
is obvious that to treat the whole whey is more advantageous. In fact, the capacity of the LSCFB
system to treat whole whey with relatively high recovery is one of the major unique features

making it superior to other alternatives.

2. The influence of feed flowrate

The influence of feed flowrate (Fg.,) is also shown in Table 8.1. Two different feed flowrates
have been tested in the experiments with three different dilution ratios. The effects of Fr on the
protein recovery were different at high dilution ratio from that at low dilution ratio. For the
whole whey solution, the overall recovery decreased from 78.4% to 39.3% when FF.» increased
from 5.7 L/hr to 11.4 L/hr, representing a decrease of 50%. When the dilution ratio was 4, the
recovery at Fp.q = 5.7 L/hr (89.9%) was still higher than that at Fj.s = 11.4 L/hr (79.7%), but at

much less extent (11.4%).

It is interesting to compare the recovery at different F.; when the protein loading rate were
the same. When the protein loading rate was 31.1 g protein/hr, for instance, the recovery at Fj.q
= 5.7 L/hr was 78.4%, but that for Fg.s = 11.4 L/hr was only 57.6%. Similarly, when protein
loading rate was 15.6 g protein/hr, the recovery at Fp.q = 5.7 L/hr was 83.8%. However, this
value decreased slightly to 79.7% at Fp.s = 11.4 L/hr. Obviously, Fres = 5.7 L/hr is more

advantageous than Fe.; = 11.4 L/hr under the conditions tested.

The effects of Fges on the adsorption in the downcomer can be explained by its influence on
the liquid velocity in the downcomer (Uj,) and its effect on the protein loading rate. Under the

dynamically sealed conditions, Uj; was determined by the total of the flowrates of the bottom
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wash water (F.,;) and the feed. When F.,, was constant, which was the case in these experiments,
Ui increased with Fg.s. Because the downcomer operated as a fluidized moving bed, the
fluidization in the downcomer, especially the fluidization parameters such the solids holdup, the
bed height and the backmixing of the dense phase section, was significantly influenced by Uj,. In
addition, increase of Uy will also enhance the migration velocity of the exchange zone, which
may result in breakthrough even at low protein loading rate. Therefore, the increase of U will

reduce the fluidization index (x) of equation 7.7 and thus the dynamic adsorption capacity.

Although low Fpg.s is beneficial for the achievement of plug flow in the downcomer and
advantageous for complete adsorption and high recovery, too small an Fp.s will reduce the
protein concentration in the effluent and reduce the throughput of the system. As a result, the
system will be less competent because of the lowered efficiency. Therefore, the choice of Fp.q is
a balance between a higher protein recovery and a higher throughput. In the investigated, Freqd =

5.7 L/min is more beneficial.

3. Protein concentration in the effluent

Protein concentration in the effluent was relatively low under all the conditions tested. When the
whole whey was treated at an F,4 of 5.7 L/hr, which was the optimal condition among the tested
conditions, the protein concentration in the effluent was only 0.77 g/L, much less than the protein
concentration in the feed (5.46 g/L). The problem of the low protein concentration in effluent
was due to the inappropriate diameter ratio between riser and the downcomer. For the present
apparatus, the downcomer/riser diameter ratio was 3.16, representing an area ratio of about 10-
fold. However, the hydrodynamic characteristics of the LSCFB system required an U,/Uy, ratio

of above 30 to operate the downcomer in the conventional fluidization regime and the riser in the
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circulating fluidization regime with sufficient G,. Due to those constraints of the apparatus, the
flowrate of the extracting buffer must be 3 or more times as that of the feed (FocUxA). Therefore,
the effluent was diluted by the large volume of extracting buffer, together with the top wash
water and the bottom wash water. This problem can be solved by increasing the diameter of the
downcomer to a suitable dimension in the scale-up process, which will also increase the

throughput of the systemn.

8.4 CONCLUSIONS

The LSCFB system was demonstrated to be a suitable method for the protein recovery from
whole whey and the optimal conditions in the tested range were determined as Fp,p, = 30 L/hr,
Fjeea = 5.7 L/r F,,, = 1.8 L/hr, F,p = 2.1 L/hr, G, = 1.42 kg/m’s, H;=0.73 m and C, = 5.64 g/L
(Co" = 3.99 g/L). Under those conditions, a throughput of 8.16 g protein/hr-(kg beads) was
achieved with a recovery of 78.4%. The liquid velocity in the downcomer was found to be the

most significant parameter affecting the dynamic adsorption capacity of the downcomer.
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NOMENCLATURE

Cross-sectional area of a column (m?)

Protein concentration in liquid phase (g/L)

protein concentration in feed (g/L)

protein concentration in feed corrected by the dilution factor due to the bottom wash
£

-G, (&)

F.+F,

/

.
water, C;, =

Dynamic adsorption capacity of the sytem (g prtoein/hr)
Flowrate of liquid (L/hr or m*/s)
Solids circulation rate (kg/mzs)
Ionic strength (mM or M NaCl equivalent)
Dissociation coefficient at zero ionic strength (g/L)
Protein concentration in the ion-exchange beads (mg/g beads)
Maximum adsorption capacity at zero ionic strength (mg/g beads)
Time (hr, min or s)
Superfical velocity of liquid or solids in column (m/s)

Velocity of liquid or solids in column (m/s)

Vup Slip velocity (m/s)
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Distance from the base of a column (m)

Greek
Bed voidage

Solids holdup (g+&=1)

Equation constant describing the effects of ionic strength on apparent maximum adsorption
capacity (M or g/L)

Density (kg/m?)

Fluidization index of dynamic adsorption capacity (equation 7.7)

Subscripts

Bottom

buffer buffer

w

Downcomer
Exit

Feed

Riser

Top

Wash water

Initial




192

REFERENCES

Burgess, KJ and Kelly, J. 1979. Selected functional properties of a whey isolate. J. of Food
Technology 14: 325-329.

Chang YK and Chase HA.1994. “Expanded bed adsorption for the direct extraction of proteins.
Separations for Biotechnology 3: 106-112.

Chase HA. 1994. Purification of Proteins by Adsorption Chromatography in Expanded Beds.
TIBTECH 12: 296-303.

Draeger, NM and Chase HA. 1991. Liquid fluidized bed adsorption of protein in the presence of
cells. Bioseparation 2: 67-68.

Dryer RL and Lata GF. 1989. Experimental Biochemistry. New York: Oxford University Press.
p- 346.

Etzel MR. 1995. Whey protein isolation and fractionation using ion-exchangers. In:
Bioseparation processes in food. R.K. Sight and S.H. Rizvi (eds.). New York : M. Dekker,
pp- 390-415.

Gailliot FP, Gleason C, Wilson JJ, and Zwarick J. 1990. Fluidized bed adsorption for whole
broth extraction. Biotechnol. Prog. 6: 370-375.

Huffman, LM. 1996. Processing whey protein for use as a food ingredient. Food Techn., Feb.
1996: 49-54

Johnson, AH and Peterson MS. 1978. Encyclopedia of Food Technology 3: pp 870-875,
Westport, Conn. : Avi Pub. Co.

Kwauk, M.1992. Fluidization - Idealised and Bubbleless, with Applications. Ellis Horwood,
New York.

Lan Q, Zhu J-X, Bassi AS, Margaritis A., Zheng Y and Rowe GE. 2000a. Continuous Protein
Recovery Using a Liquid-Solid Circulating Fluidized Bed Ion-exchange System:
Modelling and Experimental Studies. Can. J. Chem. Eng. 78: 858-866, 2000

Lan Q, Zhu J-X, Bassi AS, Margaritis A. 2000b. A Modified Langmuir Model for the Prediction
of the Effects of Ionic Strength on the Equilibrium Characteristics of Protein Adsorption
onto Ion-exchange/Affinity Adsorbents. Chem. Eng. J. 81(1-3): 179-186

Liang, W-G, Zhang S-L, Zhu J-X, Jin Y, Yu Z-Q and Wang Z-W. 1997. Flow Characteristics of
the Liquid-Solid Circulating Fluidized Bed. Powder Technol. 90: 95-102.

Zheng, Y, Zhu J-X, Wen J, Martin S, Bassi AS and Margaritis A. 1999. The Axial
Hydrodynamic Behavior in a Liquid-Solid Circulating Fluidized Bed. Can. J. Chem. Eng.
77: 284-290.




Table 8.1. Summary of parameters of whey protein recovery under different conditions

193

Feed Flow  Dilution Protein Protein Conc.  Adsorption Overall Throughput
rate (L/hr) Ratio Loading in Effluent Rate % Recovery (g/hr-kg)
Rate (g/hr) (gL) (%)
1 31.2 0.77 799 78.4 8.2
5.7 2 156 041 87.5 83.8 43
4 7.8 0.23 90.1 89.9 24
1 62.2 0.77 404 393 82
11.4 2 31.2 0.64 65.2 57.6 6.8
4 15.6 0.39 82.8 79.7 4.1
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Figure 8.1 Schematic diagram of the LSCFB system (1. Riser; 2. Liquid-Solids
separator; 3. Top washing section; 4. Top solids return pipe; 5. Solids
circulating rate measuring device; 6. Downcomer; 7. Distributor of the
downcomer; 8. Bottom washing section; 9. Bottom solids return pipe; 10.
Liquid distributor of the riser.)
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Figure 8.2 ODgqo of the effluent at different bottom wash water flowrate (Fus) (Freeq = 5.7
L/hr, Fourer = 30 Libr, Fyy= 1.8 L/hr and G = 1.42 kg/mzs. Feed: half diluted
whey; Extracting buffer: 0.4 M NaCl).
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Figure 8.3 Conductance of the raffinate at different top wash water flowrates (F,z) (Freed
= 5.7 L/hr, Fpuer = 30 Lthr, Fyp = 2.1 L/hr and Gs = 1.42 kg/m?s. Feed: half-
diluted whey (3.5%); Extracting buffer: 0.4 M NaCl).
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Figure 8.4 Protein concentration profiles at different locations of the downcomer in a

C,(g/L)

typical continuous whey protein recovery in the LSCFB system.
(Experimental conditions: Freeq = 5.7 L/NT, Feuger = 30 L/Nr, Fup = 2.1 L/Nr, Fur
=1.8 LUhr, and Gs = 1.42 kg/m"s; Extracting buffer: 0.4 M NaCl solution;
Feed: quarter diluted whey (1.75% reconstituted whey).
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Figure 8.5 Protein concentration profiles at different locations of the riser in a typical

C,(all)

continuous whey protein recovery in the LSCFB system. (Experimental
conditions: Freq = 5.7 L/hr, Fpurer = 30 Uhr, Fup =2.1 Lihr, Fur=1.8 L/hr, and
Gs = 1.42 kg/m?s_;Extracting buffer: 0.4 M NaCl solution: Feed: quarter
diluted whey (1.75% reconstituted whey).
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Figure 8.6 Effects of dilution ratio on the ionic strength of the whey solution and the
maximum adsorption capacity of ion-exchange beads.
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Chapter 9. Conclusions and Recommendations

9.1 CONCLUSIONS

9.1.1 Development of an LSCFB ion exchanger for protein recovery

An LSCFB continuous ion exchange system (LSCFB), which is basically an LSCFB system

equipped with ion exchange particles with suitable hydrodynamic characteristics and protein

adsorption capacity, has been developed for protein recovery from un-clarified whole broth. The
system has been tested for protein recovery from BSA solution and from whey solution as well.

It proved to be efficient at the present scale with a treating capacity of about 6 L whey/hr. The

most significant advantages associated with the LSCFB system include the following:

e The large voidage of the ion exchange particles bed fluidized in the downcomer allows the
passage of particulates. Therefore, an unclarified broth containing particulates can be treated
directly by an LSCFB system without plugging the column. This is especially advantageous
for the product recovery from biochemical broths since the separation of colloids such as cell
debnis from such broths is extremely difficuit.

e The LSCFB is a device for continuous operation with adsorption and desorption occurs
simultaneously in the two columns in a continuous mode.

¢ Since the ion exchange particles are continuously regenerated, even ion exchange particles
with relatively low capacity and kinetics, which is common for ion exchange particles

involved for protein recovery, can be used in such a system with high efficiency.
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9.1.2 Hydrodynamic characteristics of the LSCFB system

As an integrated system with both a fast column and a slow column, hydrodynamic behavior of
the LSCFB system is very complicated because each type of column carries with it some
hydrodynamic implications and to couple them together, limitations come hand in hand with the

merits of a comprehensive system.

1. Dynamic Seal berween the riser and the downcomer

The LSCFB system is basically a system having two coupled columns with liquid streams of
different properties and with solids circulating between the two columns. In such a system, the
dynamic seal between the two columns is of essential importance. The dynamic seal has been
achieved by maintaining a “particle plug” in the solids return pipes with novel designs balancing
the oval pressure drop, the solids circulation and the solids washing. The following parameters
have been identified as affecting the dynamic seal and more comprehensive studies are necessary
for understanding the underlying principles:

e Liquid velocity in the downer (downcomer)

e Solids circulation rate between the riser and the downcomer

e Flowing properties of the solids

e Structure of the distributor and the bottom section of the downcomer

e Structure of the washing sections

e Structure of the liquid-solids separator
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2. Hydrodynamic characteristic of the riser
The hydrodynamic behaviors of the riser were very similar to those reported by previous workers

(Liang ef al., 1997; Zheng et al., 1999) when the dynamic seal was maintained properly.

3. Hydrodynamic characteristics of the downcomer
The hydrodynamic behavior of the downcomer of an LSCFB system in the way that the whole
downcomer can be divided into three sections: namely the dense section, the dilute section and

the freeboard. In the section the formation and the functions of the three sections were discussed.

9.1.2 Continuous protein recovery using the LSCFB system

The overall protein recovery was 84.0% for BSA ata throughput of 21.5 g/hr-(kg beads) and that
for whey proteins was 78.4% at a lower throughput of 8.2 g/hr-(kg beads). The efficiency for
protein recovery from BSA solution was much higher than that from the whole whey. This is
because the high ionic strength and the fouling effects of the milk-fats in whey solution reduced

the dynamic capacity of the system.

A dynamic adsorption capacity of the LSCFB system has been defined as the indication of the
maximum allowable protein loading rate to the system. The dynamic capacity is determined by
the maximum capacity of the adsorbents, the mass transfer efficiency, the fluidization and
backmixing in the downcomer and the solids circulating rate between the riser and the
downcomer. A large solids circulating rate can make up to a certain extent the problem caused

by the low capacity and mass transfer efficiency associated with large ion exchange particles.
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9.1.3 Modelling of continuous protein adsorption/deserption in the LSCFB system

The protein adsorption in the downcomer and the desorption in the riser were modeled based on
some simplification assumptions such as plug flows in both the riser and the downcomer and the
second order and first order reaction kinetics for the adsorption and desorption, respectively. The

design equations derived were found practical guidelines for the design of an LSCFB system.

9.1.4 Protein ion exchange

9.1.4.1 Equilibrium Studies

e The isotherms of BSA adsorption onto Diaion HPA2S5 was found to be well integrated by
Langmuir equation.

¢ The adsorption capacity and the affinity of the adsorption were proved to been high pH-
dependency and ionic strength dependency as well. It was demonstrated that if pH is less
than pH 4 or if the ionic strength is larger than 0.2 M NaCl equivalent, the adsorption is zero.

¢ The above results suggested that a buffer of either a pH less than pH 4.0 or a salt
concentration larger than 0.2 M NaCl can be used as the extracting buffer.

® A simple empirical model based on Langmuir isotherm has been developed to account for the
influence of ionic strength on the protein adsorption onto ion exchange/affinity adsorbents.

The model was validated using both experimental and literature data.

9.1.4.2 Kinetics studies
Kinetic studies concerning the BSA adsorption/desorption have been conducted using a CSTR
system. Results show that the adsorption is rather slow, possibly due to the large particle size of

Diaion HPA25 anion exchangers. On the other hand, the desorption of the BSA from loaded
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particles was very fast, especially in the early stage. About 80% of the total loaded proteins were
desorbed instantly. However the stripping lagged off in the later stage, again, due to the large

particle size of the particles.

9.2 RECOMMENDATIONS
Experiments with the present apparatus has indicated that the LSCFB system is an outstanding
candidate for the protein recovery. However, there are still some remarkable problems associated
with it that must be solved before the successful commercialization. Those problems include the
dramatically reduced dynamic capacity of the system due to the strong backmixing in the
downer, the greatly limited stable operating range because of the poor design (well, due to the
lack of data and experience in the early stage) and the low protein concentration in the extract as
a result of the poor riser/downer diameter ratio. Some thoughts and recommendations regarding

further studies in this area are presented as follows.

9.2.1 Improvement of the Design of the LSCFB system with the following new features

¢ A new solids distributor for the downer to achieve a uniform radial solids distribution

¢ An improved liquid distributor for the downer to minimize the backmixing

e Improved liquid-solid separator and washing sections to enlarge the stable operating range

e An optimized riser/downer diameter ratio for elevating the protein concentration in the
extract

e Development of affinity adsorbents with high selectivity and better hydrodynamic properties
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9.2.2 Studies on the hydrodynamics in the downer

Hydrodynamic behaviors in the downer of a riser-downer LSCFB system is a new subject and
very few works have been done in this area. We have reported that the downcomer of a riser-
downer LSCFB system can be divided into three zones according to their different solids holdups
and the dense section is the most important zone. The dense section is virtually a moving
conventional fluidized bed in which the particles fall down and liquid goes up (Kwauk, 1992).
Further elucidation of such a moving conventional fluidized bed relies on more comprehensive
studies with carefully designed downer fluidized beds. Studies on the effects of operating
conditions such as superficial liguid velocity, solids circulation rate, solids entry and the design
of distributor on parameters such solids holdup, axial solids holdup distribution and the
backmixing in the dense section and the height of the dense section will help to elucidate the
hydrodynamic behaviors in the downer and provide practical guide lines for the design and scale

up of an LSCFB system.

9.2.3 Studies on the hydrodynamics in the riser

As discussed above, the hydrodynamics of the riser is a relative well studied topic as a few
authors have studied systematically the hydrodynamics in the riser of an LSCFB system.
However, data reported so far are still limited and system-dependent. Data regarding the riser
hydrodynamic of particles of small diameters (50 — 300 p) and light densities (less than 1200
kg/m3), which are commonly used in biochemical engineering processes, are extremely limited.

Therefore, further studies on the hydrodynamic behaviors of an LSCFB riser are still necessary.
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9.2.4 Study the application of the LSCFB system in recovery of proteins from different
broths.

Different biological broths may be different in properties such as pH, viscosity, density, ionic

strength, and particulates. Besides, different proteins may required different adsorbents.

Therefore, the application of the LSCFB system to biological streams instead of whey solution

requires comprehensive studies with regard the particular broth.

9.2.5 Other potential applications for the LSCFB ion exchange system

The LSCFB ion exchange system has the potential of being worldwide accepted as a high
efficient substitute for the batch packed bed ion exchange systems, which are essential units in
water treatment, food industry, pharmaceutical industry, wastewater treatment process, metal
recovery and related areas. More specifically, with the selection of appropriate ion exchangers
and application researches, it could be employed in the following processes:

¢ Protein recovery and peptide recovery

¢ Amino acid recovery

® Nucleic acid recovery

e Organic acid recovery

e Metal ion recovery

* Recovery of other products from food and pharmaceutical industries

e Removal of contaminants
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